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Ethanolamines are produced on an industrial scale exclusively by the reaction of ethylene oxide with an aqueous
solution of ammonia. The reaction is a typical consecutive reaction with three steps; therefore, it is difficult to produce
2,2'-iminodiethanol (the second product of the reaction) with high selectivity by conventional means. We developed a
catalytic 2,2’-iminodiethanol selective production process using a pentasil-type zeolite catalyst modified with rare earth
elements. This highly active catalyst was able to recognize the difference at molecular level between 2,2’-iminodiethanol
and 2,2’,2" -nitrilotriethanol; 2,2",2”-nitrilotriethanol was not formed in its micropore. We also succeeded in producing a
binderless molded zeolite catalyst that does not form problematic impurities and that has a shape suitable for a fixed-bed
reactor. The problem of activity deterioration was overcome by developing a regeneration process using high-temper-
ature and high-density ammonia gas as a rinse medium.
1. Introduction ks DEA H @
HoN + — SN
Ethanolamines are commodity chemicals produced at a 2"on v HO OH
rate of about 1.2 x 10° metric tons per year throughout the
world. They are versatile chemicals that have the properties HO
of amines and alcohols. Because of the amine functionality, H + K 3)
they are mildly alkaline and react with acids to form salts HO > Non v ; TEA
' Ho >SN0

The alcohol functionality permits esterification and gives
hygroscopic properties. Ethanolamines are used in diverse
areas, such as gas sweetening, detergent and specialty cleaner
formulations, intermediates for ethyleneamines, agricultural
chemicals, like herbicides, urethane foam catalysts, pharma-
ceuticals, textile processing aids, metalworking, and oil-well
rust preventatives.

Ethanolamines were prepared in 1860 by Wurtz! from
ethylene chlorohydrin and aqueous ammonia. In 1897, an
ethanolamine mixture was separated into 2-aminoethanol
(MEA), 2,2’-iminodiethanol (DEA), and 2,2’,2”-nitrilotrietha-
nol (TEA) components by Knorr by fractional distillation.?
Ethanolamines were not available commercially before the
early 1930s, and their commercial importance as intermediates
started growing steadily only after 1945, because of the large-
scale production of ethylene oxide (EO). The synthetic method
for ethanolamines is shown in Eq. 1 to 3, which is a typical
consecutive reaction with 3 steps.

H EO MEA
/
H—N_ + V —> HN oy M

H

Today, ethanolamines are produced on an industrial scale
exclusively by the reaction of EO with excess ammonia.> As
pointed out by Knorr, the reaction of EO with anhydrous am-
monia takes place very slowly and is accelerated by water.*>
The kinetics for this aqueous ammonia and EO reaction have
been studied by Potter and McLaughln,6 Lowe et al.,” and Miki
et al.®

The water must be separated from the products, which is an
energy-consuming disadvantage. This has led to an increasing
interest in anhydrous methods using heterogeneous catalysts.
Weibull et al. have reported the possibility of using ion-ex-
change resins. A potential disadvantage with organic ion-ex-
change resins is their lack of stability at high temperatures.
The requirements of having high-temperature stability and of
containing acidic sites are met by many inorganic solid acids,
such as acidic silica—aluminas, zeolites, and acid clays.

All of the reaction steps have about the same activation en-
ergy and show a roughly quadratic dependence of the reaction
rate on the water content of the ammonia—water mixture used.
Therefore, product distribution depends solely on the molar ra-
tio of ammonia to EO and not on the water content, reaction
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Table 1. List of Rate Constant Ratios &, 8 in Aqueous Ammonia Solution

o B Cy /mol L™! Reference
Potter and McLaughln 6 4 18-30 6
Miki et al. 7.2-0.042Cw 16-0.22Cyw 7-40 8
Ahn et al. 21.1-0.42Cyw 16.4-0.25Cw 9
Park et al. 8.51-0.051Cw 14.81-0.196Cw 10
Stoyanov et al. 40 14 0.693 37
93 81 0.411
105 100 0.215
Johnson and Fred 14 40 — 38
Our results 9.36-0.153Cyw 8.51-0.135Cyw 6-24 This work
temperature, or pressure.!!"!3 Some homogeneous catalysts, 90
such as salts of inorganic or organic acids have been proposed
by Green'* and by Watanabe et al.'>2° to control product dis- o80T MEA
tribution. 9§ 70 +
In the early 1990s, Nippon Shokubai developed a modified E 60
clay catalyst>'~>* with high activity and selectivity for MEA ]
production, but it is very difficult to obtain DEA, which is a f:j 50 1
second-step product of a three-step consecutive reaction, selec- 340
tively. In an apparent move to maximize DEA for use as an in- 230 ,/‘ U . DEA
termediate for glyphosate herbicides, Nippon Shokubai devel- 3 Tteeell.
. . 0508 . o 020 r NU  1Ea 0 Tmeeel
oped a process using a zeolite to bias the product distribu- a TEA
tion towards DEA without increasing the TEA. This process 10
was industrialized in 2003 and has operated prosperously on 0 I
a scale of 50000 metric tons. 0 5 10 15

2. Conventional Aqueous Ammonia Method

2.1 Reaction Kinetics in an Aqueous Ammonia and EO
System. Reaction rate (r|,r,,r3) equations of each step in
reaction scheme are expressed as follows:

ri = kiCnCg = d(Cy + Cp + Cr)/dt, “4)
ry = koCmCg = kijaeCy Cg = d(Cp + Cr)/dt, 5)
r3 = k3CpCg = k1 BCpCg = dCr/dt, (6)

where Cy, Cg, Cum, Cp, and Cr, are concentration of ammonia,
EO, MEA, DEA, and TEA, respectively. ki, k», and k3 are re-
action rate constants. & and B are defined as k/k; and k3 /kq,
respectively. Let Cno denote Cy + Cy + Cp + Ct. We obtain
Egs. 7 and 8 by integration of Eqs. 4, 5, and 6.

( Cn >a Cn
Cv _ \Cno Cno

Cno l—a ™
Cn Y e\ /o)
o « o @) @) -@)
Cno 11—« 1-8 o—B
(®)

Miki et al.® have studied the reaction kinetics of this system
and have determined the rate constants ki, k», and k3 as func-
tions of water concentration (Cyw). According to their results,
k1, ky, and k3 can be expressed as Egs. 9, 10, and 11:

ki = (41 + 4.0Cw?)- 10+ exp(—11000/RT), 9)
ky = kit = (41 4+ 4.0Cw?)(7.2 — 0.042Cw) - 10?

- exp(—11000/RT) = k(7.2 — 0.042Cy),  (10)

NH,/EO molar ratio

Fig. 1. Calculated product distribution as a function of
molar ratio of NH; to EO. Reaction rate constant ratio
o=p8=5.

ky = ki B = (41 +4.0Cw>)(16 — 0.22Cy)- 107
- exp(—11000/RT) = k(16 — 0.22Cy). (1)

They have also determined the reaction rate constants of reac-
tions with EO and ethanolamines in anhydrous ethanolamine
or high-concentration aqueous solutions of ethanolamine at
303K.

k' = (6.6 + 6.0Cyw'/?)-1073.
ky' = (16 +3.1Cw'/*)-1073.

12)
13)

Equation 12 or 13 is very different from Eq. 10 or 11. It is
thought that the hydroxy group of ethanolamines has catalytic
activity like water.

Table 1 shows the reaction constant ratios that we and other
researchers have determined. Solving Eqs. 7 and 8 numerical-
ly, these parameters (¢, ) have been calculated from product
distribution. Selectivity for MEA increases when these param-
eters diminish. We also obtained similar results. In the indus-
trially operable range of water concentration, & and 8 were
about 5-7. Figure 1 shows calculated product distribution
of the reactants in the case of ® = 8 =15 as a function of
NH3/EO molar ratio. In the most efficient condition (NH3/
EO = 2-4), three components were formed in similar quanti-
ty. A high NH3/EO ratio was required to obtain a high MEA
yield, and then large amounts of ammonia and water had to be
recycled.
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Table 2. Rate Constant Ratios of Various Homogeneous Catalysts in Aqueous Ammonia

Water EO NH; NH;/EO
Catalyst
Catalyst It % content content content molar o B
/wt % /wt% /wt % ratio
(NH,),CO3¥ 32.6 404 15.7 229 3.7 ca. 2 —
(NH4),CO3 214 55.6 13.0 11.3 3.52 1.37 4.06
22.6 36.2 20.8 16.1 3.54 1.96 4.68
NH4Cl1 333 49.3 11.7 18.5 3.60 2.68 4.34
NH4NO; 35.1 40.7 8.8 14.3 3.83 2.89 491
(NH4),SOq4 35.1 40.2 10.5 15.8 3.46 3.47 8.39
NH,4Br 35.1 40.7 8.8 12.8 3.83 2.48 4.01
CICH,COONH,4 16.9 62.2 10.0 15.1 3.50 2.71 4.18
254 55.0 10.0 15.1 3.50 2.48 4.27
337 479 10.0 15.1 3.50 2.18 4.56
CH3;COONH,4 30.0 51.7 104 16.0 3.52 335 4.20
HCOONH,4 14.3 66.0 10.0 15.1 3.48 3.76 4.75
CH;CH(OH)COONH4 27.7 49.8 11.4 14.0 3.49 3.42 4.69

a) Reynhart®® MEA yield: 66.2 wt %, other data based on Watanabe et al.!>~!"7

2.2 Process Description of a Conventional Aqueous Am-
monia Process. In a conventional process, the reaction takes
place in liquid phase, and the operation pressure must be suf-
ficiently large to prevent vaporization of ammonia at the reac-
tion temperature. In current procedures, the pressures are up to
15 MPa, the reaction temperatures are up to 420K, and an ex-
cess up to 40 mol of ammonia per 1 mole of EO is used. The
reaction is highly exothermic; the heat of reaction is about
125kJ per mole of EO. Unreacted ammonia and water, fed
in as a catalyst, are separated from the end products in a dis-
tillation line downstream of the reactor, and are recycled. In
large-scale continuous single-line plants, the requirement for
low energy use (i.e., operation with minimum steam consump-
tion) determines both the transport of heat from the reactor and
the design of the thermally integrated distillation line. The
ethanolamine mixture is worked up in vacuum distillation col-
umns to give pure products.

Product distribution of the three ethanolamines can be con-
trolled by an appropriate choice of the ammonia to EO ratio, as
shown in Fig. 1. A higher DEA or TEA content can also be ob-
tained by recycling MEA or DEA to the reactor or by reacting
them with ethylene oxide in a separate unit. Several improved
processes have been proposed by some producers.?*? Gibson
et al.>132 have shown that a high MEA vyield is obtained in very
low water content when the reaction is carried out in super-
critical condition. For example, if Cy is 1.02molL~! (ie.,
the water concentration equals 2.84 wt %), the NH3/EO ratio
is 44, reaction temperature is 347 K, and the reaction pressure
is 20.7 MPa, the product mixture had the following composi-
tion: MEA: 83 wt %, DEA: 15wt %, TEA: 2wt %. The disad-
vantage of this process is the high equipment cost due to the
high reaction temperature and pressure.

3. Homogeneous Catalyst

Some attempts have been made to avoid the disadvantage of
the aqueous ammonia system using a homogeneous catalyst.
Reynhart has revealed that ethanolamines can be produced
from ammonia or a primary amine and ethylene oxide, and a
salt of a weak acid, such as ammonium carbonate.’® Watanabe
et al.!>!7 have proposed ammonium salts, such as carbonate,

Table 3. Rate Constant Ratios of Various Homogeneous
Catalysts in Anhydrous System

Catalyst Concentration Content o B
/mol L™ /Wt %
Water (control) 6.14 17.2 8.81 8.08
NH,Cl 0.97 8.4 8.56 7.42
3.22 24.8 6.00 5.76
CH;COONH,4 1.0 7.8 8.3 8.6
3.0 234 7.7 6.1

nitrate, chloride, sulfate, and carboxylate. Rate-constant ratios
of these catalysts are shown in Table 2. They have also devel-
oped a process using these catalysts, such as the recovery of
the catalyst (as CO,), purification by distillation, and MEA
or DEA recycle.!®? In the case of ammonium monochloro-
acetate, @ values decrease (i.e., MEA selectivity increases)
along with an increase of the amount of catalyst. Ammonium
carbonate has especially excellent MEA selectivity, but in
spite of an improvement in the &, B values, they did not de-
crease markedly. In addition, this homogeneous catalyst sys-
tem required a large amount of catalyst (catalyst to EO molar
ratio 0.5-2.4) and water.

We examined the catalytic properties of ammonium salts
in anhydrous systems. Ammonium chloride and acetate indi-
cated catalytic activity, and their o and B values are listed
in Table 3. The behavior of 8 was similar to @, contrary to
Watanabe’s results. However, for practical use, this system al-
so required a large amount of catalyst, and catalyst recovery
was very difficult and uneconomical.

4. Heterogeneous Catalyst for MEA Selective Production

4.1 Ion-Exchange Resin. Product distribution is controlled
by the NH3/EO ratio in the reaction mixture. If an MEA-rich
composition is desired, the reaction must be carried out with a
greater NH3 /EO ratio. When a conventional aqueous ammonia
method is used, a large amount of water as well as unreacted
ammonia must be recycled. Water has a very large latent heat
of vaporization, and thus, an anhydrous reaction system has
been desired. In the 1950s, Weibull described the reaction of
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35a)

Reaction Reaction WHSV Product distribution/wt %
NH; /EO i1
. temperature  pressure /ggeat™ h o B
molar ratio
/K /MPa MEA DEA TEA
40 353 8.1 10 89.5 9.9 0.6 5.50 5.27
373 10.1 13 89.4 10.1 0.5 5.58 4.32
393P 12.2 14 85.8 12.7 1.5 7.77 10.39
413D 14.7 25 84.3 14.1 1.6 8.81 10.07
21 318-3859 11.1 — 84.2 14.7 1.1 4.63 3.46
44 328-383% 11.1 — 91.0 8.6 0.4 5.09 443

a) EO conversion > 99 mol %. b) Isothermal condition. ¢) Adiabatic condition.

alkylene oxides and ammonia in an anhydrous batch-wise re-
action system,* using cation-exchange resins saturated with
hydrogen or non-quaternary ammonium ions and anion-ex-
change resins partly or fully saturated with organic or inorgan-
ic acids as catalysts. In 1968, Weibull et al. proposed a contin-
uous system using cation-exchange resins® as the heterogene-
ous catalyst for an anhydrous NHj3/EO reaction. They list
many types of cation-exchange resins with active groups like
sulfonic, carboxylic, and phosphoric acid groups; basic resins:
polystyrene, copolymers of styrene, and divinylbenzene, poly-
methacrylic acid, and processed coal. In their example, a com-
mercially available sulfonated styrene—divinylbenzene copoly-
mer strong acid-type resin has been used. The reaction is
carried out under elevated pressures (§—14.5 MPa) and reaction
temperatures (298—413 K) using a fixed-bed-type reactor. The
reaction can be carried out under isothermal or adiabatic con-
ditions. Under isothermal conditions, the preferred reaction
temperature range is 348—410 K. Since the reaction is strongly
exothermic, it is necessary to eliminate reaction heat from the
reaction mixture to keep the temperature approximately con-
stant. It is generally preferable to carry out the reaction under
adiabatic or nearly adiabatic conditions, because no cooling
equipment is required. In this case, the reactants are preheated
to 298-348 K before they are introduced into the reactor. Be-
cause of the reaction heat evolved, the reaction temperature
is rapidly increased. The maximum reaction temperature
may not be obtained until the mixture has reached the end of
the catalyst bed. Table 4 shows reaction conditions, product
distribution and kinetic parameters (¢, 8). MEA selectivity,
which is represented by o and f, of the ion-exchange resin
is similar to aqueous ammonia systems.

Kamemski et al.’® and Stoyanov et al.’’ have studied the
catalytic reaction of EO and anhydrous ammonia using an
ion-exchange resin catalyst (wofatit kps-H™'). This resin is a
more effective catalyst than water (10g-ion/L of kps have
the same activity as 10 to 15wt % water). They have derived
the kinetic model for this consecutive reaction at 323-352 K.
According to their study, the conversion of DEA to TEA has
a fractional order (0.25) in DEA, but all other reactions are
first order in each reactant. In addition, a DEA formation path
directly from ammonia and EO has been proposed.

4.2 Inorganic Solid Acid Catalyst. The process using the
cation-exchange resin has been commercialized. However, or-
ganic resin catalysts are not as stable in high-temperature sit-
uations as is desired. Therefore, a more stable and more selec-
tive catalyst is required. Johnson et al.® have proposed inor-

ganic acid compounds, such as acidic silica—aluminas, zeolites,
molecular sieves, acid clays, or other acid metal oxides. The
preferred catalysts are the silica—aluminas, also known as alu-
minosilicates. These catalysts typically contain a proportion of
aluminum oxide. Grice and Knifton®® have proposed an acidic
clay obtained by treating montmorillonite with heteropolyacid
(e.g., 12-tungstophosphoric acid, 12-tungstosilicic acid, or 12-
molybdophosphoric acid), or with group 3 or 13 metal chlo-
rides (e.g., TiCly, ZrCly, or AICI3). Vamling and Cider*” have
discussed the ability of different forms of zeolites to catalyze
the formation of MEA, DEA, and TEA from EO and ammonia
in the liquid phase, as well as a comparison of zeolite catalysts
with organic ion-exchange resins. They have predicted the
product distribution and the capacity of a full-scale adiabatic
packed-bed reactor for the different catalysts. They have
adapted a simple second-order consecutive reaction model
and built up a reactor math model for scale-up. Table 5 shows
the catalyst, NH3/EO ratio, product distribution, and kinetic
parameters (&, ). The « values in Table 5 are less than those
in Table 4. These inorganic catalysts can be expected to be
more stable in high temperatures, but their catalytic perform-
ances do not match that of the organic resin.

Decker et al.*'* have reported the vapor-phase reaction of
EO and ammonia using various solid catalysts. Table 6 shows
their results with various catalysts. Catalytic activities of these
catalysts in vapor-phase reaction were quite low (EO conver-
sion: 20-30mol %), and their MEA selectivity is extremely
low (& value: 30-300). In addition to these disadvantages, con-
siderable side reactions occur, and large amounts of byprod-
ucts (10-60 wt %) form.

4.3 Clay Catalyst Modified with Rare Earth Element.
4.3.1 Catalyst Screening: As mentioned above, past inorgan-
ic acid catalysts do not have enough performance for MEA se-
lective production. We started development of various cata-
lysts without limiting solid acid catalysts, such as heteropoly-
acid (Cs acid salt and multivalent metal salts), phosphoric acid
salts (¢¢-zirconium phosphate, y-zirconium phosphate, and
boron phosphate), oxides or mixed oxides (silica—alumina,
titania—silica, titania-zirconia, and activated alumina), magic
acid (nafion and SO4/Zr0,), metal sulfates, solid base (magne-
sia and hydrotalcite), layered clays (montmorillonite and sap-
onite), and zeolite. Figure 2 shows the laboratory scale equip-
ment used in our experiments. When a heat-exchanger-type
reactor was used, unreacted EO concentration was measured
using an online gas chromatograph. On the other hand, when
an adiabatic reactor was used, unreacted EO was scarcely
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Table 5. Catalytic Performance of Various Inorganic Acid Catalysts in Liquid-Phase Reaction

Product distribution/wt %
DEA TEA

MEA

87.04
74.68

EO conv.
/mol %
98

Temperature LHSV
/MPa /K /gh~'em™3

Pressure

NH;/EO

molar ratio

Catalyst

18.2

6.54
7.31
7.87
6.65
10.80
135+ 1.1
6.03 £0.23

2.10
3.27

10.12
22.01

0.97
1.79

14.8

383
398
413
423
413
328-358

10.1

39.88

Silica—alumina
Molecular sieves AWS500

Johnson and

6.12
8.88
11.51
15.87
94+82

98

10.8
17.3

17.65

Fred8

75.7 20.0 4.0

99

9.4

1

26.4

Acid-activated clay

Grice and
Knifton®®

82.5 14.3 2.7
22.3

92.6

9.0

15.8
13.5-19.2

20.7

PW,/clay

7.2

69.4

92.5

17.3

19.6

TiCly/clay

Molecular sieves 13X
Molecular sieves AW500

99-100
72-84

13.6
13.7

20-31

Vamling
and Cider*

7.8+£0.48
159+ 10.0

8.5-13.0
12.5-20

371-400
355-378

20-37

10.7 £0.72

84-99

13.3

3042

Y-Zeolite
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Control valve
High pressure

metering pump
L !:I X —

liquid NH, Sampling
EO Oil bath
Ethanolamines

Fig. 2. Laboratory scale experimental equipment. Reactor:
10.7mm® x 250 mm", catalyst: 5-10g, heat-exchange-
type reactor: bath temp: 340-400 K, adiabatic-type reac-
tor: reactor inlet temp: 320-350K, reaction pressure:
12-14 MPa, NH3/EO molar ratio: 5-15, WHSV: 5-15
ggcat ' h™l,

detected (EO conversion of about 100%). The catalysts that
show significant high activity worthy to measure MEA selec-
tivity were silica-supported heteropoly iron salts, slica—alu-
mina, layered clay, and pentasil-type zeolite (e.g., ZSM-5,
ZSM-11). Table 7 shows the catalytic performances of these
catalysts. In particular, layered clays, such as montmorillonite
or saponite, showed high MEA selectivity comparable to ion-
exchange resin.

4.3.2 Control of Catalyst Acid—-Base Properties: Acid
properties of these catalysts were controlled to improve their
activity and selectivity. Silica—alumina, which is treated with
a base, does not have a strong acidic site. Therefore, catalytic
activity was not expected in a reaction catalyzed by a strong
acid site. However, as shown in Table 7, silica—alumina im-
pregnated with NaOH (see Entry 2) had greater activity and
selectivity than non-treated silica—alumina (see Entry 1). This
means that an active site effective for the reaction may not
be always be a strong acid site. Then, acid catalysts were
modified with various metal elements (Cu, Ni, Zn, Mg, Ca,
Sr, Ba, Al, Fe, La, Y, Yb, and Ce) by ion-exchange methods,
or by impregnation, in order to control their acid—base proper-
ties. As shown in Entries 3, 6, 9, 10, and 12 of Table 7, the
activities of catalysts modified with rare earth elements were
improved as compared with others. Silica—yttrium catalyst
(see Entry 4), which is a weak-base catalyst, showed consider-
able activity.

In order to prepare a heat-resistant catalyst, it is necessary to
calcine the catalyst at a high temperature. When the inter-layer
cation in clay is exchanged by a multivalent metal cation, the
hydrated metal cation becomes a strong acid site.*> Therefore,
if cation-exchanged clay is treated in a temperature high
enough to lose water, a strong acid site, formed with hydrated
cation, is also lost. However, if an active catalyst does not need
a strong acid site, the cation-exchanged layered-clay catalyst
can be calcined at temperatures above 400 K. Table 8 shows
the effect of the calicination temperature of layered-clay modi-
fied with a rare earth element. The activity and selectivity im-
proved as the calcination temperature increased. Figure 3
shows the crystal structure of layered-clay at various calcina-
tion temperatures. XRD analysis showed that the layer struc-
ture was destroyed as the calcination temperature increased.
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41-44

NH;3/EO Reaction GHSV EO Product distribution/wt %
Catalyst¥ . o o B
molar ratio temp/K /h conv/% MEA DEA TEA others
Active carbon*! 6 463 400 25 24 15 34 27 88 195
AL O34 8 363 200 10 25 10 5 60 149 243
Silica—alumina®! 10 463 200 47 42.1 7.2 46.3 44 37 342
Zeolite 13X*? 5 333 300 22 38 18 17 27 36 73
Faujasite zeolite*? 6 363 400 30 36.4 8.1 39.5 16 38 266
Pentasil zeolite** 6 333 400 30 9 55 23 13 253 29
a) Catalyst 5cm?>.
Table 7. Activity and Selectivity of Various Catalysts in Liquid-Phase Reaction®
WHSV Bath EO .
Entry Catalyst /e gcat- h-! temp conversion o B y=a/f
/K /mol %

Ref. regf‘?gi;‘::i“g\fv) 143 361 97.7 55 49 1.1

1 Si0,-Al, 03 6.3 380 92.2 9.2 14.0 0.7

2 Si0,-Al,03-Na, 0 6.2 381 96.0 6.8 8.8 0.8

3 Si0,-Al,03-Y,03 10.0 373 98.0 7.6 12.0 0.6

4 Si0,-Y,03 11.5 389 97.6 7.0 8.2 0.9

5 H-ZSM-5 10.4 384 91.2 7.7 6.5 1.2

6 La-ZSM-5 12.1 359 97.0 8.6 2.4 3.6

7 H-montmorillonite 10.1 384 92.0 54 4.2 1.3

8 Na-montmorillonite 14.5 391 88.9 5.7 5.4 1.1

9 La-montmorillonite 10.0 360 98.1 5.0 3.7 1.4

10 Y-montmorillonite 11.2 360 97.6 43 2.8 1.5

11 H-saponite 9.9 360 94.5 5.8 4.3 1.3

12 La-saponite 10.6 353 93.9 53 4.6 1.2

a) Heat-exchanger-type reactor, inner diameter 10.7 mm¢®, NH3;/EO molar ratio 10 to 17, reaction pressure
12 to 14 MPa, oil bath temperature 360 to 390 K, WHSV 5 to 15 ggcat™' h™!. & = k/k,: indicator of MEA
selectivity (the smaller the better). ¥ = kp/k; = «/B: indicator of DEA selectivity (the larger the better).

Table 8. Effect of Calcination Temperature of Clay Catalyst
on Activity and MEA Selectivity®

Calcination Oil bath EO
Entry temperature temp conv o B
/K /K /mol %
1 393 363 95.4 4.9 3.9
2 573 370 96.8 4.1 3.4
3 673 367 93.6 3.6 42
4 773 361 96.0 34 3.0

a) Catalyst: Layered-clay modified with rare earth element.
NH;/EO molar ratio: 10 to 12, WHSV: ca. 11 ggcat~'h™!,

The layer structure of the catalyst calcined at 773 K collapsed
completely. This means that the active sites are not inter-layer
hydrated cations but are rare earth element cations fixed on
surface ion-exchange site.

4.3.3 Reactant Diffusion Effect on Activity and Selec-
tivity: A particle diameter effect on activity at replication
examination of ion-exchange resins was observed. Reactant
diffusion possibly affects the apparent catalytic activity and se-
lectivity in the case of fast reaction in a liquid phase, such as
the catalytic EO/NHj3 reaction. In the case of layered-clay cat-
alyst modified with a rare earth element and calcined at 773 K,
the catalyst particle diameter effect on activity and selectivity

z
2
s
k=
393K
573K
e N e 73K A
0 10 20 30 40

20/deg.

Fig. 3. XRD pattern of layered-clay calcined on various
temperatures Cu K.

was investigated. Table 9 shows the EO conversion of cata-
lysts of various sizes. The EO conversion of relatively large-
diameter catalysts (see Entry 3) was quite low even if the re-
action temperature was 14 K higher than the standard condi-
tion. The activity of the Entry 3 catalyst was much smaller
than that of the Entry 1 catalyst. This means that a large-diam-
eter catalyst does not work effectively by limitation of the re-
actant diffusion rate, that is, the catalyst effectiveness factor is
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Table 9. Effect of Particle Size of Catalyst Pellet on Appa-
rent Activity?

Particle size Oil bath EO conv. « B
Entry /mm temperature /K /mol %
1 0.149-0.297 363 95.4 43 40
2 0.65-0.35 372 92.8 46 43
3 0.71-1.0 387 87.6 58 54

a) Catalyst: Layered-clay modified with rare earth element
calcined at 773 K. NH3/EO molar ratio: 10 to 12, WHSV:
ca. 11ggcat'h!,
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Fig. 4. An example of molded layered clay catalyst.

Table 10. Impact of Pore Volume of Catalyst on Apparent Activity?

Pore volume Particle size Oil bath EO conv a B

Entry Jem? geat™! /mm temperature/K /mol %
® 0.08 0.7-1.0 387 87.6 5.8 54
o 0.26 0.7-1.0 378 96.8 4.8 4.3
3» 0.39 0.7-1.0 373 97.4 4.0 3.8
49 0.38 0.3-0.4% x 2-5- 363 94.1 3.1 3.0

a) Catalyst: Layered-clay modified with rare earth element calcined at 773 K. NH3 /EO molar
ratio: 10 to 12, WHSV: ca. 11 ggcat~' h~'. b) Pulverized type. c) Extruded type.

much smaller than unity.

The catalyst effectiveness factor 7 is a function of Thiele
modulus*® ¢. In the case of spherical particles, this function
is expressed as

3 1 1
=——F—=). (14)
"9 (tanh(d)) ¢>
Thiele modulus ¢ is defined as

=R | [ (15)
Dy DO/t

k: Reaction rate constant, D.g: effective diffusion coefficient
(=D0/7), D: diffusion coefficient, 6: pore ratio (=pore-vol-
ume/catalyst particle volume), T: tortuosity factor, R: catalyst
particle radius. It is effective to enlarge the effective diffusion
coefficient in order to enlarge the catalyst effectiveness factor.
Increasing the pore ratio tends to decrease the tortuosity factor.
It is very effective to enlarge the pore ratio. A large pore-vol-
ume catalyst is prepared by the following procedure: (1) add a
pore-forming agent to a precursor and mix them well, (2) mold
the mixed material to a pellet, and (3) calcine the pellet at high
temperatures to remove a pore-forming agent by decomposi-
tion or by combustion.

These pore-forming agents include, for example, various
ammonium salts, such as ammonium nitrate and ammonium
acetate, organic compounds, such as urea, and various poly-
mers and fibers. Water-insoluble organic compounds can be
used in view of their efficiency of pore formation and ease of
molding. Figure 4 shows an example of a molded layered clay
catalyst. The pellet diameter (correspond to R in Eq. 15) was
very small in order to decrease diffusion distance. Table 10
lists the EO conversion of various pore-volume catalysts. The
apparent activities of the catalysts markedly increased as the

pore volume increased. This means that a large pore-volume
catalyst has a large effective diffusion coefficient and a large
catalyst effective factor.

Similarly, the diffusion of the reactants and products affects
selectivity. In the case of the ion-exchange resin, & of 50-100
mesh-sized (0.075-0.150 mm) resin was about 5, while that of
20-50 mesh-sized (0.15-0.8 mm) resin was 6-7. In the case of
a layered-clay catalyst modified with a rare earth element, @ of
a standard catalyst (about 0.2 mm in diameter) was about 3,
while that of a large particle size catalyst (about 2—3 mm)
was 6-7. This reaction is a typical consecutive reaction
(MEA — DEA — TEA). Therefore, in a region where effect
diffusion cannot be ignored, the second or third reaction pref-
erably occurs according to a longer residence time*’ in the cat-
alyst pellet.

Figure 5 shows the MEA concentration in a reactant mix-
ture in the case of an ion-exchange resin and a layered-clay
catalyst modified with a rare earth element. Selectivity-
improved layer-clay catalysts required only about half the
NH;3/EO ratio compared with ion-exchange resin.

5. Heterogeneous Catalyst for DEA-Selective Production

Recently, the demand for DEA as an intermediate for gly-
phosate herbicides has markedly increased. Product distribu-
tion could be controlled by NH3/EO ratios as shown in
Fig. 1. DEA fraction was only 35wt % at most. If a part of
the formed MEA is recycled to the reaction mixture, the net
DEA fraction may increase, but it has a limitation. Figure 6
shows the calculated net product distribution when a part of
the MEA was recycled to the reaction mixture when the
(NH; + MEA) to EO molar ratio was 8. Even when equal
amounts of MEA to produced DEA was recycled, the DEA
fraction was only 43 wt%, and the TEA fraction reached
14 wt %. Therefore, a high DEA-selective catalyst is necessary
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Fig. 5. MEA concentration in produced amines as a func-
tion of molar ratio of ammonia to EO. O: Layered-clay
modified with rare earth element 0.3-0.4mm? x 2-5
mm", [J: Dowex-50W 20-50 mesh (0.3-0.8 mm).
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Fig. 6. Calculated net product distribution when MEA
recycled in conventional process. (NH; + MEA)/EO
ratio =8, ¢ = =>5.

so that formation of TEA is restrained and formation of DEA
is increased.

5.1 Molecular Recognition Ability of Zeolite. The molec-
ular diameter of a branched molecule (TEA) is 1 nm and that
of a straight molecule (MEA and DEA) is 0.47-0.49 nm. There
is a significant difference between the sizes of these molecules.
The concept of molecular sieves is the separation technology
utilization of this difference between sizes in molecular order.
The micro-reaction field in a zeolite micropore can be effective
for selective DEA formation if the zeolite is able to recognize
the difference between ethanolamines. Figure 7 shows the pen-
tasil-type zeolite framework structure and molecular structure
of ethanolamines. DEA, having small molecular diameter, is
able to enter the zeolite micropore, but TEA, having a branch-
ing structure, is not. Adsorption examinations of MEA and
TEA to various zeolites were made to confirm this expectation.
Table 11 shows the saturated adsorption amount of ethanol-
amines (MEA and TEA) to various zeolites. Adsorption

AWARD ACCOUNTS

Fig. 7. Pentasil-type zeolite frame work structure and mo-
lecular structure of ethanolamines.

Table 11. Ethanolamines Adsorption to Various Zeolites in
Aqueous Solution

Adsorbed MEA  Adsorbed TEA MEA

Catalyst Jmeqg-! Jmeqe-! /TEA
Ion-exchange resin
Dowex SOW 5.18 4.95 1.05
H-Y-zeolite 2.33 2.08 1.12
H-Mordenite 2.13 0.89 2.39
H-L-zeolite 2.35 1.24 1.90
H-ZSM-5 0.60 0.10 6.00

amount of MEA or TEA to ion-exchange resin, having no mi-
cropore, was nearly equal to its exchange capacity. No differ-
ence between MEA and TEA was observed. The ratio of the
adsorption amount of MEA and TEA was varied with the
zeolite micropore structure. The ratio in Y-zeolite that has a
relatively large pore was close to unity. The ratio in mordenite
or L-zeolite was markedly larger than unity. In the case of
ZSM-5, having a small pore diameter (0.55nm) close to the
MEA molecular diameter (0.47 nm), the ratio of the adsorption
amount of MEA and TEA was very large (6). This means that
ZSM-5 can recognize the difference between MEA and TEA.

5.2 Implementation of Shape Selectivity. There are three
possible types of restriction in shape selectivity:*® (1) reactant
restriction, (2) product restriction, and (3) transition-state re-
striction. DEA-selective catalysts must have shape selectivity
by transition-state restriction. Figure 8 shows the reaction
model in zeolite micropores. An MEA molecule can react with
EO to form DEA in a narrow micropore, but DEA cannot react
with EO to form TEA by transition-state restriction. ZSM-5,
which can recognize the difference between MEA and TEA,
is expected to realize this shape selectivity. Reaction data of
H-ZSM-5 is shown in Table 7, Entry 5. Against expectations,
H-ZSM-5 showed comparatively low activity and a low DEA
selectivity indicator ) (1.2). On the other hand, La-ZSM-5 (see
Entry 6), which was prepared by La ion exchange, showed
high activity and comparatively high y (3.6). Table 12 shows
the effect of lanthanide-ion-exchange amount to DEA selectiv-
ity. Along with lanthanide-ion-exchange amount, 8 decreased
significantly, that is, formation of TEA was depressed. In ad-
dition, y drastically increased up to 50. The reason why mere
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Fig. 8. Reaction model in the zeolite micro pore.

Table 12. Impact of Lanthanide-Ion-Exchange Amount on
DEA Selectivity?

Entry La/Al Time on o B y
atomic ratio stream/h
1 0.017 2 7.81 0.61 12.8
24 7.69 1.53 5.0
2 0.1 2 8.47 0.21 39.9
24 8.33 0.59 14.1
3 0.12 2 8.70 0.20 50.1
24 8.26 0.56 14.7

a) Catalyst: ZSM-5 Si/Al = 28. Reaction condition 10 mm?
adiabatic reactor, NH3; /EO molar ratio 15. Reaction pressure
12MPa, WHSV 10ggcat~'h~!. Reactor inlet temperature
343 K, EO conversion about 100%.

H-ZSM-5 does not show DEA selectivity is that a non-selec-
tive self-catalytic reaction by the hydroxy group of ethanol-
amines occurs significantly, because of its low activity, and
this cancels its shape selectivity.

Reaction rate constants ki, k», and k3 in Egs. 4, 5, and 6 are
considered as follows:
Co is the concentration of the hydroxy group defined as Cy +
2Cp + 3Cr

ki = kic + kine + koCo, (16)
ky = kit = k0 + kincQne + ®okoCo, a7
ks = ki B = kic B, + kincBye + BokoCo., (18)

o = (kicQc + kincOne + €okoCo)/(kic + kine + koCo), (19)
B = (kicB. + kine By + BokoCo)/(kic + kine +koCo), (20)
Y = (kicOc + kincOlnc + ®okoCo)

/(kieBe + kineBye + BokoCo). (21)

The subscripts ¢, nc, and O of each parameter denote intrinsic
catalytic, non-catalytic, and self-catalytic (OH), respectively.
If k. (reaction rate constant of a catalyst) is much smaller than
ko (reaction rate constant of self-catalytic reaction), then the
apparent ) value is far from the true value. Figure 9A shows
tangible product distribution (the right axial scale is 10 times
that of the left). The DEA fraction at the same NH3/EO molar
ratio was larger than that of Fig. 1 (aqueous NH; method) and,
at the same time, the TEA fraction was extremely small. This
result reveals that this catalyst has shape selectivity.
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pressure 10 MPa, WHSV 10h~!,

Figure 9B shows the net product distribution of ethanol-
amines when a part of produced MEA is recycled to the reac-
tion mixture. When the MEA concentration in the reaction
mixture was 10wt % (recycled MEA /produced DEA ratio:
70%), the DEA fraction reached more than 60 wt %, and the
TEA fraction was only 0.9 wt %. The DEA fraction of Fig. 9B
by comparison with that of Fig. 6 shows that the MEA recycle
effect of the DEA-selective process is much larger than that of
a conventional process.

A multivalent metal cation, such as lanthanide, is strongly
hydrated in aqueous solution, and its hydrated ion diameter
is large. It is difficult to exchange a small cation in the narrow
micropore of ZSM-5 with a large cation. Therefore, the ion-
exchange amount of a catalyst that is prepared by ion-ex-
change operation in an aqueous solution was small (Entry 1
in Table 5). Jia et al.** and Rauscher et al.>* have suggested
that the ion-exchange amount of zeolite can be improved by
a solid-state process. It seems that a bare cation is relatively
small and can diffuse easily into the micropore of the zeolite
at high temperatures, above 700 K. The following experiment
was executed to reveal that ion exchange can occur in solid
state. First, a mechanical mixture of LaCl; and NH4-ZSM-5
(Si/Al ratio: 28) was carefully ground in a mortar for several
minutes. The La/Al atomic ratio in the mechanical mixture
was 0.114. The ground mixture was then transferred to a por-



1084 Bull. Chem. Soc. Jpn. Vol. 80, No. 6 (2007)

2.5
La-O-La
2 La-O o o l‘:'-‘,‘: h
\,1 5 g%
o o ‘;-‘ ‘%
E 15 o % g %:
£ \ a
1F o .
=]
=]
=]
05 o
=]
=]
0
0 0.1 0.2 0.3 0.4

Distance /nm

Fig. 10. LaK-edge FT-EXAFS spectra (SPring 8 BL19B2).
[: Lay O3, solid line: La-ZSM-5.

HO
H
HoO SN OH
1 Ho/\/N\/\O/\/OH
2

Fig. 11. Impurities formed by binder-containing zeolite.

celain dish and calcined in a muffle furnace at 823 K for 5h.
The resulting sample was washed four times with deionized
water. It was finally dried overnight at 393 K. The La/Al atom-
ic ratio in the final sample, determined by ICP analysis, was
0.11. The catalysts in Table 12 were prepared by a solid-state
ion-exchange procedure adopting this concept.’!

Figure 10 shows La K-edge FT-EXAFS spectra of La-ZSM-
5 compared with La,O3. The peak assigned as La—O-La exist-
ed in La oxide spectra, but this peak was not observed in
La-ZSMS5 spectra. This suggests that La ion in ZSM-5 is iso-
lated and is fixed to an ion-exchange site without aggregation
to form oxide.*?

5.3 Development of Molded Binderless Zeolite. General-
ly, a high silica zeolite, such as pentasil-type zeolite, has poor
plasticity and formability. Therefore, it is very difficult to mold
without an inorganic binder. A commercially available molded
zeolite usually contains 20 to 40 wt % binder, such as alumina.
Impurities (1 and 2 in Fig. 11) were formed using a catalyst
made of a binder-containing zeolite. Entry 1 of Table 13
shows an example of impurities contents, and Entry 2 shows
that no impurities are formed by the zeolite without binder.
It seems that the impurities are formed on the basic-site of
binder. Boiling points of these impurities were high and close
to the boiling point of TEA. The temperature of the distillation
column must be low to prevent coloring. The distillation col-
umn must be operated in a very high vacuum, such as 100
to 300 Pa, and its pressure drop must be very small. To reduce
its pressure drop, the (packed) height of the column must be
low. It is difficult to separate them from TEA using such a
low-distillation column because of the separation ability short-
age. The formation of these glycol ether-type impurities has
been encountered in conventional aqueous ammonia methods.
Washington et al.>>>* have proposed adding carbon dioxide to
the reaction mixture in order to reduce these impurities. Add-
ing carbon dioxide is not preferred in an anhydrous system.>

AWARD ACCOUNTS

Table 13. Content of Impurities Formed by Binder-Contain-
ing Zeolite?

Entry Catalyst® Content/wt %
MEA DEA TEA Impurity 1 Impurity 2
1 A 67.8 27.1 20 1.8 0.3
2 B 70.6 288 04 — —
3 C 693 302 0.5 — —

a) NH3/EO = 15, WHSV 10ggcat~'h~!, reactor inlet
temperature 343 K, reaction pressure 12 MPa. b) Catalyst A:
La-ZSM-5 (commercially available) Al,O3; binder 30 wt %,
B: La-ZSM-5 (commercially available) without binder, C:
Binderless zeolite (NSC La-ZSM-5).

Fig. 12. Some examples of molded binderless zeolites.

To prevent the formation of impurities, a molded zeolite
catalyst without a binder is required. Matsukata et al. have pro-
posed a new zeolite synthetic method called “dry gel conver-
sion.”3%-57 Precursor gel containing a silica source, alkali, and a
structure-directing agent (SDA) was contacted with high-tem-
perature steam in an autoclave in order to crystallize to zeolite.
This method was helpful to formulate the preparation of mold-
ed binderless zeolite. Shimizu et al. have also proposed solid
state zeolite transformation method.>%>°

We prepared molded binderless zeolite as follows.
Using the new solid-state crystallization (NSC) method, first,
aluminum source, alkali, and SDA were impregnated into
the molded silica support. Then, this precursor was dried
and transferred into an autoclave. Finally, high-pressure and
high-temperature steam was fed to the autoclave, and the pre-
cursor was crystallized to form molded zeolite. The obtained
molded zeolite was robust enough for practical use.

As shown in Fig. 12, when molded silica of various shapes
was used as a raw material, its whole body crystallized, main-
taining its original shape. Figure 13 shows the XRD pattern
of NSC ZSM-5. Sharp and strong diffraction lines, which
were assigned to ZSM-5, showed good crystallinity. Figure 14
shows 2Si and 2’ AIMASNMR spectra of NSC ZSM-5 and
of commercially available ZSM-5. These spectrums show that
NSC zeolite had few aluminum atoms out of lattice and Q3-
type silicon atoms. Figure 15 shows the morphology of NSC
zeolite observed by FE-SEM. NSC ZSM-5 had sub-microm-
eter-sized minute crystals and good crystallinity. Figure 16
shows the morphology of molded binderless zeolite. For the
same reason as discussed above about the clay catalyst, the
catalyst diameter must be small. After crystallization, zeolite

60,61
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beads were treated with ammonium nitrate to exchange so-
dium ion, and then they were calcined to decompose ammoni-
um ion and SDA. Finally, proton of the zeolite was exchanged
with La ion by a solid-state ion-exchange procedure. The cat-
alytic performance of the NSC La-ZSM-5 catalyst was shown

JX - /\AMJ’L M\J\/&kﬂ/ /\/\,«\M\_mm/\m»—v&.ﬂ\ﬂ\m
10 20 30 4

0

20 /deg

Fig. 13. XRD pattern of NSC zeolite (ZSM-5). X-ray: CuKo.
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in Entry 3 of Table 13. Impurities were not detected. The NSC
method can be applied to the synthesis of a zeolite other than
ZSM-5, using various SDAs. Table 14 shows various crystal-
lization products using various precursors and SDAs. In partic-
ular, B zeolite can be crystallized easily. Scale-up of the NSC
method was comparatively easy, and large-scale industrializa-
tion of zeolite synthesis was accomplished.

6. Process Development Using a Heterogeneous Catalyst

6.1 Adiabatic Reactor with Partially Vaporized Ammo-
nia. The developed catalysts were calcined at temperatures
above 800 K. Therefore, the catalysts have higher heat resist-
ance than that of ion-exchange resin (allowable temperature
limit: 393 K). Selectivities of both catalysts (clay and zeolite)
were improved; thus, the reaction can be executed at high EO
concentrations (i.e., low NH3 /EO molar ratio). In this case, the
adiabatic temperature rise is a severe problem. The heat ca-
pacity (C,) of the reaction mixture estimated using a simple
mixing rule disagrees with an observed value (see Table 15).

NSC-ZSM5

T
100 S0 ¢

=50 ppm

T T
-80 ~100 -120 ppm

Commercially available ZSM-5

T T T
100 50 ¢

FAI-NMR

1
-50 ppm

T T
-80 -100 -120 ppm
BSi~NMR

Fig. 14. ?Si and 2’ AIMASNMR spectra of NSC zeolite (ZSM-5).

Fig. 15. Morphology of NSC zeolite (ZSM-5) crystal (FE-
SEM).

Fig. 16. An example of a molded binderless zeolite (ZSM-5).



1086 Bull. Chem. Soc. Jpn. Vol. 80, No. 6 (2007)

AWARD ACCOUNTS

Table 14. Various Precursors and Crystallization Products of NSC Zeolite Method

SDA Sl./ Na . Si/ SDA. Sl./ Al . Condition Product
atomic ratio molar ratio atomic ratio

NPr,OH 30 30 — 453K, 8h Silicate-1

NPr,OH 8 20 16 453K, 8h ZSM-5

NBu,OH 16 10 24 443K, 32h ZSM-11
MeNEt; OH 28 10 36 453K, 48h ZSM-12

NEt,OH 23 5 30 443K, 20h B

NMe,OH 20 5 — 443K, 144h NU-1

Table 15. Effect of EO Concentration on Heat Capacity®

EO ) Heat capacity/J g~ deg™!
NH; /EQ concentration Reactor inlet—outlet Calculated value
molar ratio temperature /K Observed ..
/mol % by mixing rule
NH; 0 373.2 — 6.11
30.0 3.24 350.2-385.1 4.82 5.86
22.0 4.36 345.1-393.1 4.15 5.78
17.5 5.40 330.1-395.4 3.77 5.69
14.5 6.44 318.7-396.1 3.68 5.61

a) Reaction pressure: 12 MPa, heat capacity: average value of reactor inlet and outlet.

Control valve

(5) Cooler

EO (4)

NH3 Q 1)
MEA g @ o -

r
o
<

Reactor

NH, Recovery towe

NH, vessel
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Produced
ethanol amines

Preheator

®) )

Recycle NH, M

Fig. 17. Model flow sheet of a pilot plant. Reactor: 67 mm®
2000 mm", catalyst 4 to 6 L, with thermal insulation mate-
rial wounded up. Heat liberation is compensated by heat-
ing.

Vamling et al.*’ have reported an experimental equation of C,
(22) as a function of pressure (P) and temperature (7).

Cp = Cp,a + Cp,b/'(Cp,c(BMPa) + de,ch(P - PO) - T|, (22)

Py: 13-10° Pa; Cpa> Cop, Cp’c(BMP“), dC, .dP: parameter. This
equation does not involve an EO concentration term, but the
EO concentration affects C,, considerably. The relationship be-
tween temperature rise and EO concentration was observed by
using the pilot plant shown in Fig. 17. The reactor of this plant
was highly insulated, and heat loss was compensated by heat-
ing to realize nearly adiabatic conditions. Heat capacity C, is
expressed as a function of EO concentration (Cg), pressure,
and temperature (see Eq. 23):

Cp = Cpu + a-exp(c-Cg) + Cpp/(Cp B3NPV
+b-Cg +dC, . dP(P — Py) — T, (23)

a, b, and c are additional parameters to Eq. 22 to explain the

Heat capacity /J-g"'deg™

EO concentration

O,
/mol% 73 Temperature /K

Fig. 18. Heat capacity of reaction mixture as a function of
EO concentration and temperature, pressure: 12 MPa.

effects of EO concentration.

Figure 18 shows the heat capacity calculated following
Eq. 23 at 12 MPa pressure. The heat capacity decreased mark-
edly as the EO concentration increased. Figure 19 shows the
adiabatic reaction temperature rise as a function of NH3;/EO
molar ratio calculated using Eq. 23. The maximum tempera-
ture of the reactor was limited to under ~420K by-product
qualities, such as coloring.

There are several means of suppressing temperature rise:
(1) lower EO concentration in reaction mixture of reactor inlet,
(2) use multiple reactors and split EO feed, and (3) use an heat-
exchange-type reactor. These means have the strong disad-
vantage of increasing equipment cost.

We developed a process that can be operated in high EO
concentrations and the temperature increase in the reaction
mixture can be controlled.®> A part of the ammonia is vapor-
ized, and the reaction heat in an adiabatic reactor is eliminated
by the heat of the ammonia vaporization. The reaction pressure
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catalyst bed. NH3/EO molar ratio: 12, reactor inlet tem-
perature: 323 K, reaction pressure: A: 10 MPa, B: 16 MPa,
solid line: temperature profile (left axis), dotted line: EO
conversion profile (right axis).

is controlled to reduce the boiling point of reaction mixture.
Furthermore, even if the reaction heat rises as the reaction pro-
ceeds, ammonia vaporization by the reaction heat and the tem-
perature rise of the catalyst bed is restrained.

Figure 20 shows the calculated profile of temperature and of
EO conversion in the catalyst bed, at an NH;/EO ratio of 12.
In the case of B in Fig. 20, ammonia did not vaporize at the
reaction pressure of 16 MPa, and the catalyst bed temperature
increased with generated reaction heat, proportional to EO
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deterioration.

conversion (e.g., 440K at an inlet temperature of 323 K). In
the case of A, at a reaction pressure of 10 MPa, vaporization
of ammonia began when the temperature reached the boiling
point of the reaction mixture, and temperature increased to
about 410K (30K lower than A) very slowly.

6.2 Deterioration and Regeneration of Zeolite Catalyst.
The data of the elapsed time of 24 h in Table 12 showed cata-
lyst deterioration. Conversions of EO stayed at almost 100%,
but DEA selectivity decreased. It became clear, by examining
temperature distribution in the catalyst bed in detail, that there
is activity deterioration from an entrance part. Decrease in
activity may be caused by occlusion of micropores as a result
of a zeolite catalyst. The reason why selectivity decreases
along with activity deterioration is that non-catalytic reaction
without selectivity becomes a dominant position in the activi-
ty-deteriorated catalyst bed. When intrinsic catalytic reaction
rate constant k. in Eq. 21 becomes small, ¥ (DEA-selectivity
indicator) becomes small (see Fig. 21). The same phenomenon
occurs in the catalyst-unpacked part of the reactor®® in the case
of MEA recycle.

Development of a method to regenerate deactivated catalyst
for practical use in a process using zeolite is extremely impor-
tant. Figure 22 shows a change of model temperature profile in
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an adiabatic reactor along with catalyst deterioration. Initially
(tv), the temperature increased at the entrance part of the reac-
tor, because the catalyst had not yet deteriorated. The catalyst
deteriorated from the entrance part as the reaction progresses
(ty — 15), and the temperature of the deteriorated part of cata-
lyst bed did not increase. Then, the peak of the temperature
profile moved to the latter part (Lo — Ls) of the catalyst
bed. It is necessary to regenerate a catalyst, because EO con-
version and DEA selectivity decrease within a certain time.
The deactivated catalyst did not discolor much and had the
organic substance deposited in it, but the phenomenon did
not involve coking, which is often the cause of catalyst deac-
tivation. When coking occurs, the catalyst becomes black, and
the organic substance becomes a carbon-like deposit. Such a
substance can be removed only by oxidation at a temperature
above 600 K. However, the deactivation of the catalyst in this
reaction is not caused by coking; therefore, the catalyst can be
regenerated by passing it through the catalyst rinse medium at
a high temperature, which is more than the reaction tem-
perature, to decompose or extract the deposited organic sub-
stance.%* The selection of the medium is very important. When
an inert gas, such as nitrogen, is used at temperatures higher
than the reaction temperature, the organic substance becomes
a carbon-like deposit. Solvent, supercritical fluid and high-
density gas can be used. It is preferable not to bring in a
new substance that is not used in the original process. Ammo-
nia was used as a rinse medium was examined, because it is a
stable substance used in the process. Ammonia reached its gas
phase at a temperature higher than the reaction temperature.
However, when it is pressurized at a high pressure, like the
reaction pressure, its density is considerably larger, so it is
an effective medium to regenerate the catalyst.®

Figure 23 shows the change in transition of the temperature
peak in the catalyst bed along with the reaction and regenera-
tion cycles. The catalyst activity was recovered from the dete-
rioration in spite of repeating reaction and regeneration cycles.
Figure 24 shows a model process flow sheet with a regenera-
tion step. The reaction and regeneration steps were switched
at intervals of several days. High boiling-point substances
weeping from the catalyst were eliminated from the ammonia

used in regeneration, and this recovered ammonia served as the
raw material for the reaction. Plural reactors are necessary for
concurrent reaction and regeneration. After regeneration, the
flow channel is changed to the reaction system, and the reac-
tion is restarted.

The developed process is made up from the following
unique technologies. (1) zeolite catalyst, which is able to rec-
ognize the difference between DEA and TEA; (2) catalyst
modification with rare earth element to improve activity dras-
tically; (3) binderless molded zeolite; (4) catalyst regeneration
using ammonia; and (5) reaction heat elimination using latent
heat of vaporization in an adiabatic reactor.

The authors thank Mr. Shindo, Mr. Morishita, Mr. Arita,
Mr. Takeda, Mr. Hashimoto, and Mr. Yokonuki for their con-
tinued support in catalyst and process development. The au-
thors also thank the staff of the technical development and
manufacture departments in the Chidori plant for their support
in the industrialization of this process, and the staff of the
catalyst manufacture department in the Himeji plant for the
development and production of the commercial catalyst.
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Fig. 23. Transition of temperature peak position with cata-
lyst regeneration treated with ammonia at high tempera-
ture under high pressures.
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