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ABSTRACT: The continuous selective hydrogenation of the iodo-nitroaromatic refametinib active pharmaceutical ingredient
(API) intermediate (2,3-difluoro-5-methoxy-6-nitro-phenyl)-(2-fluoro-4-iodo-phenyl)-amine (DIM-NA) to the corresponding
iodo-aniline 3,4-difluoro-N2-(2-fluoro-4-iodo-phenyl)-6-methoxy-benzene-1,2-diamine (DIM-DAB) was investigated using a
conventional Raney cobalt catalyst in a cocurrent trickle-bed reactor. Suitable reaction conditions targeting full conversion and
high selectivity, that is, low degrees of hydro-dehalogenation of the labile iodine substituent, were evaluated in investigations
employing a short 4 mL screening reactor. The process was then transferred to a longer 40 mL reactor. Raney cobalt was found
to be a highly selective catalyst, yielding only very small amounts of the desiodinated aniline desiodo-DIM-DAB or other side
products. Productivities up to 144 g/h crude DIM-DAB were achieved operating the 40 mL reactor with a 0.2 M reactant
solution in the presence of 3.4 equiv of H2 at 60 °C. Inlet pressure resulting from the flow rate increase was identified as a key
parameter for successful throughput maximization. One kilogram of starting material was eventually converted to DIM-DAB in
high yield and excellent quality within 8 h runtime. Online monitoring of the UV−vis absorption of the product stream allowed
for conversion control and fast detection of process variations. Compared to the available DIM-NA batch reduction procedures,
processing in continuous flow proves convincing by the safe implementation and reusability of the Raney type catalyst within a
strongly intensified and highly selective process.

Continuous processing represents a long-known industrial
reaction engineering technology that has been widely

employed for the large-scale production of bulk chemicals.1

Recently, increasing attention to this method of processing is
arising also in the pharmaceutical industry wheredepending
on the respective phase of drug developmentAPIs (active
pharmaceutical ingredients) and their intermediates are
synthesized in quantities ranging from the gram scale in the
preclinical stage to kg/year (early clinical phase) up to tons per
year in the case of successful market entry.2 Flow syntheses
have been applied for selected transformations of multistep API
synthesis sequences,3 but also for the combination of several
sequential reactions or process steps involving inline phase
separation or solvent exchange.4 The latter has been further
elaborated to integrated drug substance and product
manufacturing within a single continuous process including
formulation procedures, thereby reducing the overall number of
unit operations and thus the manufacturing time.5 Accordingly,
there is a pronounced current impetus both in academia and
industry to further explore the possible advantages of
converting API syntheses from (sequential) batch processes
into continuous flow.4a

At the industrial scale, standard liquid phase organic
transformations are usually performed in batch, the use of
standard multipurpose plant equipment still representing the
dominant approach for the synthesis of pharmaceutical

compounds. However, for specific chemical transformations
or reaction sequences, the advantages associated with
continuous processing in micro- or mesoreactors appear
evident. For example, reactions requiring or benefiting from
elevated pressures can be accomplished as more cost-effective
in a (tubular) flow reactor than a pressurized batch reactor,
especially at a larger scale.6 The pressure in a pilot or
production scale vessel may be either as low as 2−3 bar
(inducing prolonged reaction times) or will require cost
intensive specialized equipment (autoclave) to meet technical
and safety requirements. Compared to batch processing,
strongly exothermic reactions will further benefit from the
more efficient heat transfer of a flow reactor due to the much
higher surface to volume ratio.2a,7 Narrow temperature profiles
resulting in consistent quality and yield of the isolated product
often follow. Improved mixing and enhanced mass transfer
represent additional advantages typically attributed to con-
tinuous processing.8,9

Hydrogenation reactions belong to the reaction classes
particularly exploiting the advantages associated with continu-
ous processing, as they are often strongly exothermic in nature
and benefit from high reaction pressures.3b,6,9d If no
enantioselectivity has to be considered, hydrogenations are
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routinely conducted in the presence of a heterogeneous
catalyst. In spite of the considerable safety risk associated
with their handling, low-cost sponge metal type catalysts as
Raney nickel (Ra−Ni) or cobalt (Ra−Co) are often a suitable
choice for the hydrogenation of a wide range of organic
compounds both at laboratory and industrial scales.10 In
addition, in terms of abundance and sustainability, these
transition metals might also be regarded as attractive compared
to precious metal catalysts.11 Currently, supported precious
metal catalysts M/S (e.g., M = Pt, Pd, Ru; S = C, Al2O3, SiO2)
are employed in many cases, as they allow for mild reaction
conditions and fast transformation.12

In a previous study, we showed Raney cobalt to be a
promising catalyst for the selective hydrogenation of the
aromatic nitro functional group to the primary amine. 1-Iodo-4-
nitrobenzene was used as a model substrate for APIs containing
iodine substituents, which are very labile with regard to hydro-
dehalogenation.13,14 Due to its extraordinarily high exother-
micity, the reduction of (halo)nitroarenes (ΔH ∼ 544 kJ/mol
in the liquid phase) is especially challenging in terms of
(chemo)selectivity, as higher reaction temperatures usually
favor dehalogenation.15 Hence, the above-mentioned heat
exchange qualities of a continuous flow reactor strongly
encourage its use for such a transformation. It should be
noted, however, that side products may not only result from
hydro-dehalogenation, but also from the stepwise and complex
mechanism of the six-electron nitroarene reduction.
Herein, we present investigations on the application of Ra−

Co for selective continuous hydrogenation of the industrial API
intermediate (2,3-difluoro-5-methoxy-6-nitro-phenyl)-(2-fluo-
ro-4-iodo-phenyl)-amine (DIM-NA, 1, Scheme 1).
DIM-NA (1) represents a key intermediate in the multistep

synthesis of the antitumor agent refametinib (BAY 86-9766, also
known as RDEA119, Scheme 1).16 Refametinib is a highly
potent and selective MEK1/2 inhibitor17 currently undergoing
phase II clinical trials for late stage cancer treatment.18

DIM-NA (1) comprises two aromatic rings linked via an
amine bridge (Scheme 1). In addition to the nitro group
targeted for reduction, the presence of an iodine substituent
introduces a selectivity challenge for catalytic hydrogenation, as
this substituent is highly labile with regard to hydro-
dehalogenation. An even more sensitive function in the
reaction system, however, is the iodine substituent in the
hydrogenation product 3,4-difluoro-N2-(2-fluoro-4-iodo-phe-
nyl)-6-methoxy-benzene-1,2-diamine (DIM-DAB, 2), as this
more electron-rich aniline is more prone to dehalogenation
than its halonitroaromatic precursor.12,15

Consequently, the nitro reduction step within the synthesis
of refametinib (Scheme 1) was originally performed with a
large stoichiometric excess of reducing agents such as iron19 or

zinc.20 Albeit facilitating selective reduction, the use of these
reagents entails not only significant amounts of metal waste
byproduct but also the need for aqueous workup.
When DIM-DAB (2) is synthesized by hydrogenation, the

desiodinated side product desiodo-DIM-DAB (3) can form via
hydro-desiodination in a follow-up side reaction upon DIM-
DAB (2) formation. The latter, therefore, is most pronounced
at high conversion and strongly depends on the catalyst
employed as it was previously demonstrated on the model
substrate 1-iodo-4-nitrobenzene.13 The required product
specifications limit the tolerable concentrations of the
desiodinated side product in (subsequently crystallized) DIM-
DAB (2) to amounts ≤0.13 wt %. Due to a higher purge factor
of the starting material DIM-NA (1) in the crystallization step
(∼2% tolerated) as compared to the overreacted side product
desiodo derivative (3), it was not required to achieve full
conversion (X > 99.9%). Accordingly, X ≥ 98% was chosen as
conversion target to limit desiodo-DIM-DAB (3) formation.
Ra−Co was employed as a fixed bed catalyst in an experimental
setup offering both a small scale, 4 mL reactor for economic
screening studies with respect to the consumption of starting
material and a larger, 40 mL reactor with the same diameter for
preparative runs.21 After orienting experiments in the 4 mL
reactor, the process was transferred to the 40 mL reactor for
throughput maximization and to study robustness toward
further scale-up. Finally, 1 kg of DIM-NA (1) was converted
into DIM-DAB (2) within a long-term experiment of 8 h
duration including online conversion control by UV−vis
spectroscopy. Our investigation therefore also serves as a case
study for the successful development of a flow process for
continuous hydrogenation over a heterogeneous catalyst at a
kilogram per day scale.

■ RESULTS AND DISCUSSION
In a continuous liquid-phase hydrogenation process, a
heterogeneous catalyst is conveniently incorporated as a fixed
bed, which can provide good mass transfer between the three
phases involved and furthermore implements an intrinsic
catalyst separation step.22 On the other side, pumping a gas/
liquid mixture through the catalyst bed can result in reactor
inlet pressures higher than the pressure defined by the back
pressure regulator. Such phenomenon will result in a pressure
gradient over the catalyst bed (and therefore nonuniform
process conditions) and may set a physical upper limit to the
throughput achievable in the process. To avoid the incidence of
inlet pressure buildup, careful adaption of the catalyst’s particle
size to the dimensions of the reactor and the targeted process
conditions is therefore required.23 These circumstances render
the application of pristine Raney type catalysts in continuous
hydrogenation processes based on a fixed bed reactor

Scheme 1. Catalytic DIM-NA (1) Hydrogenation to the Aniline Derivative DIM-DAB (2)a

aThese two compounds are intermediates within the synthesis of refametinib. The side product desiodo-DIM-DAB (3) results from desiodination.
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challenging as these catalysts can be regarded as fine powders
(average particle size, e.g., d(50) = 40 μm for Ra−Co)24 and
cannot readily be converted into a morphology with larger
particles. In continuous processes Ra-type catalysts, therefore,
have been usually employed as slurry in a continuously stirred
tank reactor (CSTR).25 In this context, the development of a
flow compatible encapsulated Co catalyst on agglomerated
carbon nanotubes (d(50) = 564 μm), CoNGr@CNT, has been
investigated within our group.26a In a related study, the
continuous hydrogenation of a nitro stilbene derivative has
been achieved employing nitrogen-doped carbon nanotubes
(NCNT) containing cobalt residues as catalyst.26b As well-
known alternative, Ra−Ni catalysts suitable for a fixed-bed
application have been prepared by immobilization within
porous polymers.27 More recently, a novel type of monoliths
containing Ra−Ni deposited on metal foils have been
developed, and their high potential in continuous hydro-
genation has been demonstrated.28

Reactor Setup. A diagram of the reactor setup used is
depicted in Figure 1. It contains two reactor tubes switchable
installed in parallel providing approximately 4 and 40 mL
catalyst bed volumes, respectively, which allows for optional
investigations at small or larger reaction scales (see SI for a
more detailed description of the experimental setup including
photos, Figure S2). On exiting the pressurized part of the
reactor, a bypass in the product stream allows for the
integration of an online monitoring module (V16, V17). The
monitoring and control of selected process parameters is
accomplished by a HiTec Zang process control box
(LabManager)29 also providing a variety of electronic safety
measures (e.g., alarming or automatic process shutdown).
Pretesting Continuous DIM-NA (1) Hydrogenation at

4 mL Reactor Scale. In a first step, handling of the pyrophoric
Ra−Co catalyst as well as suitable reaction conditions for the
selective hydrogenation of DIM-NA (1) to DIM-DAB (2)

(Scheme 1) were explored using the 4 mL reactor of the
experimental setup described in the previous section (Figure 1),
targeting nearly full conversion (≥98% consumption of starting
material). For this purpose the heated part of reactor was
loaded with 12.1 g of Ra−Co slurry (Actimet-Co), which
according to the technical datasheet should correspond to
about 6.1 g of net catalyst mass,24 giving a catalyst bed of 4.2
mL (SI, Table S1).
A comparatively moderate back pressure of 40 bar was

chosen for the continuous hydrogenation of a 0.1 M DIM-NA
(1) solution in THF/water (95:5 v/v).13 Maintaining a
constant flow rate (i.e., catalyst workload [mmol(1)/(g(cat)·
min)]), the influence of reaction temperature on product
composition was investigated (Table 1, exp. I−III). No
significant inlet pressure buildup was observed under the
applied conditions (see SI Figure S3 for pressure buildup
characteristics of the 4 mL reactor). Product samples were
taken after a stationary state was reached and analyzed offline
by HPLC. The reaction temperature was found to have a

Figure 1. Reactor setup for continuous hydrogenation used in this study.

Table 1. Continuous Hydrogenation of DIM-NA (1) over
Ra−Co Catalyst in 4 mL Reactora

exp.b
T

(°C)
conversion,
X (%)

desiodo-DIM-
DAB (3)
(wt %)c other [Σ(ar%)]c

inlet
pressure
(bar)

I 40 92 1.2 5.5 40
II 60 93 1.6 1.7 40
III 80 >99 1.8 1.8 40

ac(DIM-NA) = 0.1 mol/L in THF/H2O 95:5 (v/v), 40 bar back
pressure. b12.1 g of Raney-Co catalyst (≈6.1 g net), cat. bed length:
6.6 cm, cat. bed volume: 4.2 mL, 2.1 mL/min liquid flow rate,
superficial flow velocity us,l = 3.3 cm/min, catalyst workload ≈ 0.034
mmol(1)/(g(cat)·min), 1.9 nL/h H2 (6 equiv), us,g = 49.8 cm/min; all
experiments were performed with the same catalyst load. cSee the SI.
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pronounced influence on the reaction course. While 92%
conversion of 1 was already achieved at 40 °C, the selectivity of
the reaction was rather poor with 1.2 wt % desiodo-DIM-DAB
(3) and 5.5 area % (HPLC) summarizing additional side
products. Surprisingly, increasing the temperature by 20 °C did
not have a major influence on DIM-NA (1) conversion but
rather on the selectivity of the reaction. The amount of
desiodinated side product 3 slightly increased from 1.2 to 1.6
wt %, while the amount of the further side products strongly
decreased to 1.7 area % (HPLC). This observation may
indicate that side reactions resulting from intermediate
accumulation of nitroso- or hydroxylamine intermediates in
the course of the reaction15 are suppressed at the higher
temperatures due to increased reaction rates. Eventually, full
DIM-NA (1) conversion was reached at 80 °C. The amount of
3 further increased (1.8 wt %), while the formation of other
side products remained approximately constant. From the
results obtained, it was deduced that temperatures ≥60 °C are
required to suppress side product formation other than
desiodination. We therefore decided to apply 60 °C and 40
bar in the following hydrogenation experiment at 40 mL reactor
scale.
Continuous DIM-NA (1) Hydrogenation at 40 mL

Reactor Scale. A sample of 70 g of Ra−Co slurry (50% in
water, ≈35 g net catalyst) was loaded into the 40 mL reactor
tube resulting in a catalyst bed of 68 cm length and 43 mL
volume (see SI for complete information on reactor tubes),21

consistent with its original bulk density (0.820 kg/L).24 In a
first step the pressure characteristics of the packed reactor were
studied, as some degree of inlet pressure buildup was expected
upon the significantly increased reactor length. For this
purpose, pure solvent (THF/H2O, 95:5 v/v) followed by a
solvent/gas mixture was pumped at escalated flow rates through
the catalyst bed. As shown in Figure 2, a pronounced inlet

pressure buildup resulted from the presence of the fine Ra−Co
catalyst bed particles at this reactor scale, e.g., 24 mL/min pure
solvent induced 30 bar inlet pressure. In the presence of
additional 25 l/h N2 gas an inlet pressure of already 20 bar was
recorded at only 2 mL/min liquid flow rate. On increasing the
liquid flow rate (14 mL/min), the inlet pressure quickly
reached 41 bar. It was anticipated, however, that such inlet
pressure buildup would be less pronounced with (i) a back

pressure applied (SI, Figure S3) and (ii) in the presence of a
reactive gas mostly consumed within the reactor tube.
We started investigations on Ra−Co catalyzed continuous

DIM-NA (1) hydrogenation at 40 mL reactor scale, pumping a
0.1 M solution in THF/water (95:5 v/v) with a flow rate of 22
mL/min through the catalyst bed at 60 °C and 40 bar
backpressure. The liquid flow rate corresponds to a catalyst
workload of 0.063 mmol(1)/(g(cat)·min), which is higher than
in the related experiments in the 4 mL reactor tube (Table 1,
exp. I−III). In order to minimize the expected inlet pressure
buildup, the amount of H2 applied in the process was reduced
to 3.4 equiv, close to the stoichiometric ratio (3 equiv
theoretically required per nitro to amine reduction). Reaction
samples were taken in regular intervals and analyzed offline by
HPLC.
The inlet pressure recorded at the beginning of the

experiment was 59 bar indicating ≈20 bar pressure buildup
under the applied process conditions. Sample analysis (Table
2) showed that complete DIM-NA (1) conversion had resulted
from the applied process conditions, i.e., not even traces of 1
were detected by HPLC. The decreasing extent of desiodina-
tion observed for samples 1.1 [8.0 wt % (3)], 1.2 [3.8 wt %
(3)], and 1.3 [1.8 wt % (3)] collected within the first 50 min of
the process indicates a run-up phase for the Ra−Co catalyst.
Surprisingly, after this initial period, the degree of

desiodination increased again [exp. 1.4: 2.2 wt % (3), exp.
1.5: 2.7 wt % (3); Figure 3]. The reason for this behavior is
most probably a more pronounced overhydrogenation of DIM-
DAB (2) going along with the simultaneous inlet pressure
increase from 67 bar at 50 min time on stream (TOS) to 80 bar
at 75 min TOS (Figure 3, see further discussion below). The
degree of dehalogenation was comparatively high (at low levels
of further side products) but comprehensible by the presence of
an excess catalyst bed under these forced conditions.
The inlet pressure resulting from the applied process

conditions is an intrinsic reaction parameter to be regarded
critical in the present context, i.e., the evaluation of the usability
of Ra−Co as catalyst for continuous hydrogenation at 40 mL
reactor scale. Consequently, the reactor behavior over time was
observed in close detail. Figure 3 (right) shows the inlet
pressure profile that was recorded during the first hydro-
genation experiment at this scale. As mentioned above, at the
beginning of the experiment the inlet pressure was 59 bar. It
remained stable during the first 30 min of the experiment but
then steadily increased reaching 80 bar after 75 min runtime
(TOS), at which point this experiment was terminated.
To evaluate if the catalyst bed had suffered from any

constitutional changes causing this behavior, a pressure buildup
test analogous to the one performed with the freshly loaded
reactor was conducted. If applicable, notably different inlet
pressure characteristics would be expected. As evident on
inspection of Figure 2, there is only a minor difference between
the two experiments, suggesting other effects than changes in
the catalyst bed responsible for the strong inlet pressure
increase observed.
Increasing inlet pressures naturally limit the applicability of

the related process as not only changes in the composition of
the product mixture can follow but also an intolerably high
pressure may be reached. Therefore, for the following
experiments it was decided: (i) to increase the concentration
of the reactant solution allowing for a reduction of the liquid
flow rate and (ii) to reduce the back pressure in order to lower
the pressure baseline for the (additional) inlet pressure arising

Figure 2. Inlet pressure (against atmosphere) measured on pumping
pure solvent or solvent−gas (25 L/h N2) mixtures through a 40 mL
reactor tube packed with 70 g of Ra−Co slurry, as recorded for the
freshly loaded reactor and after its first use in continuous-flow
hydrogenation (exp. 1, Table 2).
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during operation. Accordingly, the next experiment (exp. 2,
Table 3) was performed with a 0.2 M DIM-NA (1) solution
and a back pressure lowered to 20 bar. The overall throughput
(11 mL/min, 11 nL/h H2) was kept constant by 50% reduction
of the liquid flow rate.
The effect of these measures on the pressure characteristics

of the system was as desired (exp. 2, Figure 4): Comparing with

exp. 1 (Figure 3) a notable inlet pressure reduction (−20 bar)
resulted from the combined effects of lower liquid flow rate and
back pressure, the pressure remaining stable over 24 min
process runtime. As expected, process conditions so closely
related to the ones of exp. 1 gave very similar hydrogenation
results: there was still full DIM-NA (1) conversion but with a
slightly lower degree of dehalogenation (1.6 wt % desiodo-
DIM-DAB (3), Table 3), probably following from the lower

inlet and back pressures and the associated reduced amount of
overhydrogenation.
As mentioned above, the comparatively high degrees of

desiodination observed in exp. 1 and exp. 2 (Table 3) should
mostly result from residence times too long for the reaction
conditions applied. Once full conversion has been reached
along the reactor tube, passing the product solution [consisting
mainly of DIM-DAB (2)] through the excess catalyst bed
results in subsequent dehalogenation and increased amounts of
desiodo-DIM-DAB (3).
To suppress this follow-up reaction, the liquid flow rate was

increased by 45% (16 mL/min, exp. 3, Table 3) targeting
conversion in the range 98% ≤ X < 100% to allow for a more
accurate evaluation of the quality of the Ra−Co catalyst in
terms of desiodination selectivity. As expected, a (moderately)
higher inlet pressure resulted under these conditions (slightly
increasing from 42 to 46 bar over process runtime, Figure 4).
Sample analysis by HPLC revealed that still not even traces of
DIM-NA (1) could be detected in the product mixture, while
desiodination was notably lower than in the experiments before
that barely reached the acceptable limit for downstream
processing (<1.0 wt % 3). In exp. 3, the residence time was
closer to the one required for reaching exactly full conversion,
and therefore, the degree of overhydrogenation was lower. It
should be noted that the productivity of the process under
these conditions was already quite high and corresponds to the
formation of 74 g/h DIM-DAB (2).
In the following experiments the flow rates were

subsequently increased to 22 mL/min (exp. 4) and 26 mL/
min (exp. 5) to further lower the residence time and to explore
the effect on selectivity. DIM-NA (1) in a detectable
concentration corresponding to 99.9% conversion was first
observed in exp. 4. The inlet pressure was in the range of 50−
55 bar; the degree of desiodination further dropped to 0.9 wt %
desiodo-DIM-DAB (3). Surprisingly, with the even higher flow

Table 2. Continuous Hydrogenation of DIM-NA (1) over Ra−Co Catalyst in 40 mL Reactora

exp.b T (°C) conversion X (%) desiodo-DIM-DAB (3) (wt %)c other [Σ(ar%)]c inlet pressure (bar)

1.1 (10 min) 60 >99.9 8.0 0.6 59
1.2 (20 min) 60 >99.9 3.8 0.7 60
1.3 (50 min) 60 >99.9 1.8 0.9 67
1.4 (60 min) 60 >99.9 2.2 0.9 74
1.5 (75 min) 60 >99.9 2.7 0.7 80

ac(DIM-NA) = 0.1 mol/L in THF/H2O 95:5 (v/v), 40 bar back pressure. b70 g of Raney-Co slurry (≈ 35 g net), catalyst bed length: 68 cm, catalyst
bed volume: 43 mL, 22 mL/min liquid flow rate, superficial flow velocity us,l = 34.6 cm/min, catalyst workload ≈ 0.063 mmol(1)/(g(cat)·min), 11.2
nL/h H2 (3.4 equiv); us,g = 293.4 cm/min. cSee the SI.

Figure 3. Concentration (left) and inlet pressure (right) profiles for the hydrogenation experiment exp. 1 performed with the freshly loaded 40 mL
reactor tube (left). The increase of desiodination over samples 1.3−1.5 parallels the inlet pressure increase from 67 to 80 bar.

Figure 4. Inlet pressure profiles for continuous DIM-NA (1)
hydrogenation in the 40 mL reactor at increasing liquid flow rates
using a 0.2 M reactant solution in THF/H2O (95:5 v/v) and 3.4 equiv
of H2 at 20 bar back pressure. In case of exp. 7 the concentration was
0.4 M (Table 3). The initial higher inlet pressure observed in exp. 5
was an effect of the process start-up.
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rate of exp. 5, the conversion only negligibly dropped to 99.7%
at 0.8 wt % desiodo-DIM-DAB. The inlet pressure increased to
≈73 bar remaining constant during the period of sampling. At a
first glance, these findings appeared puzzling, that is, how an
18% increase in flow rate would only result in 0.2% lower
conversion when comparing exp. 4 and exp. 5. A probable
explanation for this observation and also for the rather dramatic
increase in flow rate (11−26 mL/min) required to adjust
conversion to just below 100% (considering experiments 2−5)
can be found in the concomitantly increased pressure recorded
at the reactor inlet, that is, the area where the reaction mixture
reaches the catalyst bed and highest hydrogenation rate is to be
expected. The pressure then gradually decreases over the
catalyst bed until finally reaching the value defined by the back
pressure regulator at the reactor exit. Accordingly, the reaction
pressure is highest where the DIM-NA (1) concentration is
maximal, determining the reaction rate and resulting in higher
overall conversions as expected from exclusively considering the
flow rate.
To challenge the maximum throughput for this reaction

system, the flow rate was further increased to 30 mL/min
(Table 3, exp. 6). Under these conditions the inlet pressure
reached 79 bar after 30 min time on stream resulting, again, in
close to full DIM-NA (1) conversion (99.8%). Under these
conditions, the best selectivities regarding both desiodination
(0.7 wt % desiodo-DIM-DAB (3)) and formation of further
side products (0.7 Ar%) were achieved, while the DIM-DAB
(2) productivity reached 144 g/h.
The DIM-DAB (2) productivities and selectivities achieved

in exp. 5 and exp. 6 (Table 3) are remarkable, allowing for the
preparation of DIM-DAB amounts ≥1 kg within 8 h, provided
stable long-term reactor operation. It should be noted, however,
that the increasing inlet pressure encountered in exp. 6 may
represent a critical aspect for prolonged operation. We
therefore investigated for a more stable pressure situation
maintaining the reactor throughput. This was accomplished in
exp. 7 (Table 3) by doubling the concentration of the DIM-NA
(1) reactant solution to 0.4 M at 50% liquid flow rate (15 mL/
min). The resulting inlet pressure (60 bar) was indeed about 14
bar lower than at the beginning of exp. 6. Moreover, it
remained constant for a period of 60 min, now indicating stable
operation. Inspection of the analytical results, however, showed
that the selectivity of the reaction suffered under these
conditions. At 99.9% DIM-NA (1) conversion, 1.2 wt %
desiodo-DIM-DAB (3) were present in the product mixture,
which is higher than in exp. 4 with 0.9 wt % at the same

conversion. Selectivity might be, however, improved upon
further optimization of the process conditions for a 0.4 M
reaction mixture.
The extent of Co leaching was assessed in an independent

experiment analogous to exp. 5: 28 ppm of Co were detected in
the product solution (ICP-OES), 14 g of solid crude product
obtained after completely evaporating the solvent from an
approximately 7 min collection period contained 470 ppm of
Co. In the crystallized product, the amount of Co is
significantly lower (see below).

Implementation of Online Monitoring. Based on the
present findings, we decided to run a longer term experiment
targeting conversion of 1 kg DIM-NA (1) within one working
day. For this purpose online monitoring the composition of the
product mixture deemed us to be not only a reasonable process
extension but rather indispensable to ensure high product
quality over the whole runtime by real-time identification of,
e.g., process instabilities or catalyst deactivation.
Accordingly, suitable analytical methods were evaluated, and

the experimental setup eventually extended with an online
UV−vis analysis module (Figure 1).
Main target of online analytics was conversion control under

process conditions that had been optimized for selectivity
(Table 3). In the course of a long-term production run, gradual
catalyst deactivation would eventually lead to DIM-NA (1)
concentrations above the threshold level defined by the product
specifications (X(DIM-NA) ≥ 98%). If noted in time, however,
catalyst deactivation can be readily accounted for by adjustment
of process parameters as, e.g., flow rate. Similarly, process
variations due to temporary malfunction of the gas or liquid
feed dosage or inhomogeneity of the catalyst bed with potential
(negative) impact on conversion become observable. It should
be mentioned that the applied technique does not allow for
online selectivity determination of the reaction (i.e., detection
of hydrogenation intermediates or deshalogenated side product
3).
As a very sensitive method was needed, online UV−vis

spectroscopy was chosen to monitor the concentration of DIM-
NA (1) in the product mixture, exploiting the pronounced
visible color difference of the reactant (yellow) and product
(colorless; SI, Figure S4) as well as its low equipment cost,
simplicity, and robustness of the associated setup. An UV−vis
flow cell with fiber optics connection to a two-channel UV−vis
detector was installed in the experimental setup via bypass prior
to product collection. Absorption data were collected by a
digital chart recorder. The detection of UV−vis absorption was

Table 3. Summary of Continuous DIM-NA (1) Hydrogenation Experiments Performed at 40 mL Reactor Scale (See SI for Full
Experimental Details)a

exp.
liquid flow
(mL/min)

H2
(nL/h) catalyst workload [mmol(1)/g(cat)·min] IP (bar)b X (%)c

desiodo-DIM-DAB (3)
(wt %)d other, [Σ(ar%)]d

DIM-DAB (2)
(g/h)e

1f 22 11.2 0.063 60−80g >99.9 1.8−2.7 0.9−0.7 51
2 11 11.2 0.063 40 >99.9 1.6 1.6h 50
3 16 16.2 0.091 42−46g >99.9 1.0 0.7 74
4 22 22.3 0.126 50−55 99.9 0.9 0.8 100
5 26 26.3 0.149 73 99.7 0.8 0.6 120
6 30 30.3 0.171 74−79g 99.8 0.7 0.7 144
7i 15 30.3 0.171 60 99.9 1.2 1.4 144

aConditions: 70 g of Raney-Co slurry (≈ 35 g net), c(DIM-NA) = 0.2 mol/L in THF/water (95:5 v/v), T = 60 °C, backpressure = 20 bar, 3.4 equiv
of H2. HPLC samples were taken on reaching stationary reactor output (see SI). All experiments were performed using the same catalyst load. bInlet
pressure, see also Figures 3 and 4. cDIM-NA (1) conversion. dSee the SI. eDIM-DAB (2) reactor output. fA 0.1 M DIM-NA solution was employed
at 40 bar backpressure (Table 1). gAn inlet pressure increase was observed during operation. hHPLC samples of exp. 2 had a double concentration as
usually; therefore, the amount of further side products appears to be more prominent in this experiment. iA 0.4 M DIM-NA solution was employed.

Organic Process Research & Development Article

DOI: 10.1021/acs.oprd.7b00039
Org. Process Res. Dev. XXXX, XXX, XXX−XXX

F

http://pubs.acs.org/doi/suppl/10.1021/acs.oprd.7b00039/suppl_file/op7b00039_si_001.pdf
http://pubs.acs.org/doi/suppl/10.1021/acs.oprd.7b00039/suppl_file/op7b00039_si_001.pdf
http://pubs.acs.org/doi/suppl/10.1021/acs.oprd.7b00039/suppl_file/op7b00039_si_001.pdf
http://pubs.acs.org/doi/suppl/10.1021/acs.oprd.7b00039/suppl_file/op7b00039_si_001.pdf
http://dx.doi.org/10.1021/acs.oprd.7b00039


initially impaired by H2 gas bubbles in the product stream
stemming from excess hydrogen but finally enabled by
installing an inline gas−liquid phase separator in the product
stream prior to the flow cell (SI, Figures S1 and S2).
In a first step, full range spectra recorded from pure diluted

DIM-NA (1) and DIM-DAB (2) solutions confirmed UV−vis
spectroscopy to be a suitable analytical technique: DIM-NA
exhibits a strong absorption band at 346 nm without overlap to
any DIM-DAB absorption (SI, Figure S5). However, the
envisioned product mixture stream of a 0.2 M reactant solution
contains DIM-DAB in rather high concentrations and high
excess relative to DIM-NA. Under these circumstances, DIM-
DAB absorption nicely separated at high dilution may
significantly tail into the region of the DIM-NA band initially
targeted for detection. Therefore, the UV−vis spectrum of a 0.2
M model product mixture containing 98 mol % DIM-DAB (2)
and 2 mol % DIM-NA (1) was recorded and compared with
the spectrum of a pure 0.2 M DIM-DAB solution. As can be
seen in Figure S6 in the Supporting Information, the DIM-DAB
absorption is notably >0 AU at wavelengths >340 nm under
these conditions. Nevertheless, the presence of 2 mol % DIM-
NA can be still clearly detected at 400−460 nm. Next, we
switched to a flow-compatible setup designated for online
detection. Due to the rather high concentrations under
consideration [in a 0.2 M reaction mixture with 99% conversion
1 mol % DIM-NA (1) still corresponds to a concentration of
0.002 mol/L] a flow cell with shorter optical path length (2
mm) was chosen. 1/8″ connections ensured that no flow cell
inlet pressure was formed in the targeted range of flow rates
(SI, Figure S7). To determine the optimal wavelength for
online conversion control, the absorption of a model product
mixture composed of 98 mol % DIM-DAB (2) and 2 mol %
DIM-NA (1) at overall 0.2 M [corresponding to 98% DIM-NA
(1) conversion] was recorded between 400 and 500 nm in 25
nm increments and compared to the corresponding UV−vis
absorptions of a pure 0.2 M DIM-DAB (2) solution (Figure 5).

Residual amounts of DIM-NA (1) can easily be observed at 400
or 425 nm. An external calibration was established at 400 and
425 nm based on a series of model product mixtures
corresponding to DIM-NA (1) conversions in the range of
95−100% (Figure 5; SI, Figure S8).
The extended experimental setup was then tested with

respect to functionality and accuracy of online UV−vis
detection. Figure 6 shows the UV−vis absorption profile

recorded at 425 nm during a hydrogenation experiment with
varying flow rates. Changes in the conversion resulting from
different flow rates are nicely reflected by the UV−vis
absorption. At the beginning of the experiment, it takes about
18 min until the reactor output reaches a steady state at 98.0%
conversion as subsequently confirmed by off-line analysis of
HPLC samples. The reduction of the flow rate to 6 and 4 mL/
min, respectively, leads to an increase of the conversion to
98.8% and 99.3% (HPLC). Accordingly, UV−vis absorption
drops, as lower amounts of residual yellow DIM-NA (1) are
present in the product mixture. The conversion determined
online via UV−vis spectroscopy for the individual flow rates
(97.2%, 98.2%, 99.1% at 8, 6, and 4 mL/min, respectively; SI,
Table S2) compares reasonably well with the results from
offline HPLC analysis, ensuring the main goal of online
monitoring, i.e., conversion control within the specification
limits.

Kilogram Scale Continuous Flow DIM-NA (1) Hydro-
genation. For demonstration purposes, 1 kg of DIM-NA (1)
was processed in a longer term hydrogenation experiment using
a fresh Ra−Co catalyst load in the 40 mL reactor (SI, Table
S3). To achieve the targeted throughput within one working
day (8 h) a 0.2 M DIM-NA reactant solution was pumped at 26
mL/min liquid flow rate through the catalyst bed, which
corresponds to a mass flow of 2.1 g/min. Compared with the
experiments summarized in Table 3, the applied back pressure
was reduced to 10 bar to lower the baseline for the expected
inlet pressure, while temperature (60 °C) and H2 excess (3.4
equiv) were maintained (see SI, Table S3 for full experimental
details). Conversion control was performed by the online UV−
vis analytical module as described above. According to Figure 5,
0.349 AU425 was chosen as the threshold absorption value (at
425 nm) for the conversion specification [X(DIM-NA) ≥
98%]. The product was collected batchwise over time and
further processed as described below. Additionally, HPLC
samples were taken from the product stream just before
releasing such a product batch and analyzed off-line.
Figure 7 shows UV−vis absorption and inlet pressure profiles

reflecting the longer term hydrogenation run. Recording was
started after the reactor start-up phase on switching from
solvent to reactant solution. According to online analysis,
steady state reactor output was reached after ≈8 min. UV−vis
absorption (0.10 AU425) indicated nearly full DIM-NA (1)
conversion (XUV = 99.6%). Spikes in the UV−vis absorption

Figure 5. Left: UV−vis absorptions of a model DIM-DAB (2)/DIM-
NA (1) product mixture containing 0.004 M DIM-NA (2 mol %) and
0.196 M DIM-DAB (98 mol %) at 0.2 M overall concentration. Right:
External calibration established from model DIM-DAB/DIM-NA
mixtures in concentrations corresponding to 95−100% conversion of a
0.2 M DIM-NA solution. At 425 nm the slope of the calibration curve
corresponds to a sensitivity of 0.16 AU/% (DIM-NA conversion).

Figure 6. UV−vis profile of a conti-DIM-NA (1) hydrogenation
experiment performed at conversions X < 100% (0.1 M reaction
solution, 4 mL reactor, Ra−Co, 80 °C, 40 bar, 6 equiv of H2; see SI
Table S2 for further experimental details). Changes in DIM-NA
conversion following variations of the reactor throughput (flow rate)
are reflected by changes in UV−vis absorption.
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profile are due to the presence of occasional gas bubbles (<1
spike/min; see SI, Figure S9) in the product stream.
The process started with an inlet pressure (80 bar) higher

than expectable from the previous experiments under similar
conditions (Table 3, exp. 5), which was attributed to an
unforeseen consequence of the back pressure reduction from
20 to 10 bar. In initial pressure buildup tests conducted at the
beginning of this study it was observed that, in the presence of
gas, inlet pressures formed are lower at an applied back pressure
(SI, Figure S3). This is probably due to higher solubility of
hydrogen in the reaction solution and the lower superficial flow
velocity of the gas at higher pressure. In the present case, the
inlet pressure increase due to lower gas dissolution, thus more
turbulent flow, overcompensated the effect of lowering the
baseline for the inlet pressure buildup. The inlet pressure
steadily increased to 88 bar within the first hour of process
runtime reaching 90 bar after 90 min. It remained constant up
to 160 min time on stream (TOS) and then, surprisingly,
continuously dropped to 67 bar within 40 min, a behavior
contrasting our initial observation of inlet pressure dependence
from gas dissolution. As none of the process parameters had
intentionally been changed, the reason for this phenomenon
remains unclear. Importantly, the conversion of the reaction
was unaffected by this behavior remaining constantly >99%.
The inlet pressure ranged between 67 and 69 bar until ≈300
min TOS and then sharply dropped to 57 bar (312 min), which
was followed by an abrupt raise to 79 bar (316 min). Full scale
deflection of the online UV425-absorption at 312 min TOS
indicated the breakthrough of high concentrations of DIM-NA
(1) through the reactor. In this critical instant of the
experiment, process monitoring was continued and prompted
us to continue the process instead of executing an immediate
shutdown. To our delight, the UV absorption approximately
returned to its original values indicating >99% conversion from
≈322 min TOS, at which point collection of a new product
batch was started. From this point, the UV signal remained
constant until the end of regular processing after 445 min, while
the inlet pressure showed a profile very similar to the beginning
of the experiment: An increase up to 86 bar was followed by a
steady inlet pressure drop to 63 bar. Offline HPLC analysis of
the contaminated product fraction (550 g reaction solution)
performed during the remaining process runtime indicated the
presence of ≈3 area% starting material DIM-NA (1). To
further demonstrate the utility of the flow process, this fraction
was reworked at the end of the regular process, i.e., after all

amounts of the original starting solution had been processed
(Figure 7, t = 445). For this purpose, the hydrogen flow was
strongly reduced, as only minor amounts of residual DIM-NA
(1) had to be converted, while the liquid flow rate was lowered
to keep the inlet pressure at a tolerable level. Online UV
absorption ranged between 0.133 AU (X = 99.4%) and 0.110
AU (X = 99.6%) during this period and indicated that the
targeted composition was matched. After additional 35 min, all
of the reactant solution had been converted with the targeted
product specification regarding conversion. The reactor was
then shut down by switching to pure solvent and N2.
Online analysis has proven highly useful during this long-

term hydrogenation experiment, not only by rapidly indicating
an unexpected process instability, immediately allowing for the
necessary measures to be taken. It furthermore shows that
otherwise the overall process was very stable in terms of
conversion (>99%). As has been mentioned before, HPLC
samples were taken in regular intervals when a new product
batch was released from the collection vessel and subsequently
analyzed offline (Figure 8; SI, Figure S10, Table S4). The

composition of the individual product fractions collected (3x ≈
350 g, 11x ≈ 750 g; 1x ≈ 550 g rework batch) was additionally
analyzed by HPLC (SI, Table S5). Both the samples taken at
individual process times and the averaged collected product
batches indicated an excellent reactor performance with respect
to quality. With the expected exception of the first two HPLC
samples taken at the beginning of process, the level of desiodo-
DIM-DAB (3) was impressively low throughout the 8 h
runtime (0.4−0.6 wt % 3 for samples 3−14, Figure 8; SI, Table
S4). Compared with the results obtained during process
optimization (0.7−0.9 wt % 3 at X = 99.7−99.9%, Table 3), an
even better selectivity was achieved at consistently high DIM-
NA (1) conversion >99.8%. The relatively high amount of
desiodo-DIM-DAB (3) in the first two product samples (2.3,
1.0 wt %) was attributed to a catalyst initiation effect as
previously observed for all fresh catalyst loadings. Desiodina-
tion then steadily decreased in the further course of the process
reaching values <0.5 wt %, which is remarkable for a crude
product solution at this high conversion. As desiodination
mainly takes place as follow-up reaction after full conversion,
reaching this target by just-in-time termination of a similar
batch hydrogenation process has to be considered very
challenging. The level of combined observable side products
was also very low (typical range 0.6−0.8 area%, see SI, Figure
S11 for a sample HPLC chromatogram). After an additional

Figure 7. UV−vis absorption (425 nm) and inlet pressure profiles for
long-term conti-DIM-NA (1) hydrogenation at the kilogram scale over
Ra−Co (see text and SI Table S3 for experimental details).

Figure 8. Composition of product samples 1−14 taken directly from
the product stream at the end of each collection period as determined
by HPLC. DIM-NA (1) conversion was >99.8% in all cases.
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pass through the reactor also the rework fraction matched
target quality and was included in subsequent collective workup
performed to determine the overall isolated yield (SI, Table S5,
Figure S12).
Workup of the product solutions (not optimized) was

performed by a downstream procedure including concentration
of the product solutions and precipitation by water addition
(see SI for experimental details). The off-white precipitate was
isolated and dried to yield 831g (89%) DIM-DAB (2), which
contained only 0.09 wt % of the desiodo side product (3) (SI,
Figure S13) and clearly fulfilled the product specification
criteria−also with regard to residual trace metal amount (9 ppm
of Co) and the presence of further impurities (Σ(ar%) = 0.3).
Table 4 shows a comparison of process and performance

parameters for DIM-NA (1) hydrogenation in batch employing
excess amounts of reducing reagents and the present
continuous flow process. For the sake of completeness, data
obtained from a related batch DIM-NA (1) hydrogenation with
Ra−Co catalyst are included, too (see SI for experimental
details). A comparison of the space time yields (STY) and total
mass intensities of the different processes illustrates the high
degree of process intensification resulting from continuous
processing: 3500, 84, and 210 fold higher STY were achieved
for the continuous process over Ra−Co as compared to the
batch labscale processes, while the process mass intensity was
significantly lower for the conti-hydrogenation process as
compared to chemical reduction with Fe and Zn. The 2−3 fold
higher substrate concentration applied in the flow process
furthermore reflects lower solvent consumption, and it should
be recalled that continuous DIM-NA (1) hydrogenation has
already been successfully performed even at a 0.4 M
concentration (Table 3).

■ CONCLUSION
An experimental setup with 4 and 40 mL reactor tubes installed
in an ordinary laboratory fume hood was employed for process
development and scale up. After evaluating suitable process
conditions in the material economic 4 mL reactor the
hydrogenation process was transferred to 40 mL reactor
scale. Although notable inlet pressures up to 90 bar resulted
from implementation of the powderous Ra−Co as a packed bed

catalyst, the reactor could still be operated at throughputs up to
144 g/h. One kilogram of DIM-NA (1) was eventually
processed into DIM-DAB (2) within a longer term experiment
of 8 h duration following conversion by online monitoring by
UV−vis spectroscopy. This method proved to be highly
reliable, allowing to rapidly respond to process variations
leading to an increase of DIM-NA (1) concentration in the
product stream above the tolerable levels. As compared to
related batch processes at laboratory scale performing the
hydrogenation in continuous flow convinces by a considerably
higher space−time−yield, allowing for a safe and more compact
and cost-efficient installation of the experimental setup
compared to setting up a pilot scale batch autoclave
environment for carrying out this reaction.
In summary, Ra−Co has been successfully employed as

trickle bed flow reactor catalyst for the selective hydrogenation
of the refametinib intermediate DIM-NA (1). Under optimized
process conditions, reasonable amounts of the hydrogenation
product DIM-DAB (2) were obtained as solid, fully matching
generic industrial product quality expectations regarding the
amount of residual substrate (≤2 mol %) and desiodinated side
product (≤0.13 wt %).
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Table 4. Comparison of Labscale Batch DIM-NA (1) Hydrogenation Employing Fe,19 Zn,20 and Ra−Co Catalysts and the
Continuous Hydrogenation Process over Ra−Co

batch, Fe reduction19 batch, Zn reduction20 batch, Ra−Co continuous process, Ra−Co

reactor dimensions (mL) 50a 250a 45 50
reaction type reagent excess Fe (16 equiv),

NH4Cl
reagent excess Zn (6 equiv),
conc. HCl

catalytic Ra−Co
(Actimet-Co)

catalytic Ra−Co (Actimet-
Co)

amount of reductant or catalyst (g) 1.15 6.8 0.036 (slurry)b 62 (trickle bed)b

DIM-NA (1) concentration (g/L) 28 44 86 86
solvent EtOH THF/H2O 80:10 THF/H2O 95:5 THF/H2O 95:5
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pressure (bar) 1 1 20 67−90
temperature (°C) 78 r.t. 110 60
isolated product (g) 0.47 6.3 0.74c 831
catalyst or reductant (g)/isolated
product (g)

2.5 1.2 0.02b 0.04b

space−time−yield [kg/L h] 0.0006 0.025 0.01 2.1
catalyst productivity [kg/(kgcat h) 20.6 3.3d

process mass intensity 40e,f 29e,f 13e,f 13e (22)
aVolume required for workup not considered. bCorresponding to ≈50% dry catalyst according to technical datasheet. cHPLC yield at full
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