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a b s t r a c t

This paper presents an experimental kinetic study for the oxidative coupling of methane (OCM) over
a Mn/Na2WO4/SiO2 catalyst prepared by incipient wetness impregnation. Because the catalyst is a
reducible metal oxide, the stability of the catalyst has been assessed by Thermo Gravimetric Analysis
(TGA). These experiments show that the catalyst has to be pre-treated with oxygen in order to obtain
high C2 selectivity (around 85%) and that a low oxygen partial pressure during the OCM reactions is
already sufficient to maintain the catalyst stable in the oxidized state.

The catalyst has subsequently been tested in a micro-catalytic fixed bed reactor. The overall reaction
orders and rate constants of the primary reactions were determined by measuring the intrinsic reaction
rates at different methane and oxygen inlet concentrations. It was found that the reaction order in oxygen
for the coupling reaction is 0.38, while the reaction order in oxygen for ethylene oxidation approaches
unity, indicating that low oxygen concentration levels are beneficial for obtaining a high C2 selectivity (up

to 80–90%). Such a low oxygen concentration can be obtained with distributive feeding in a membrane
reactor.

Based on the experiments and least-squares minimization, a simplified reaction mechanism is pro-
posed, where the dependency of the ethane (coupling) and carbon dioxide (oxidation) production rates
and the secondary ethylene production and C2 oxidation rates can be described with power-law type
reaction rate expressions.
. Introduction

The oxidative coupling of methane (OCM) is a widely investi-
ated direct route for ethylene production through methane partial
xidation. The reaction involved in OCM carried out at tempera-
ures higher than 750 ◦C are the following:

CH4 + O2 → C2H4 + 2H2O �H◦
298 = −141 kJ/molCH4 (i)

H4 + 2O2 → CO2 + 2H2O �H◦
298 = −803 kJ/molCH4 (ii)

2H4 + 3O2 → 2CO2 + 2H2O �H◦
298 = −1323 kJ/molC2H4 (iii)

he industrial exploitation of such a reaction system is hindered by
he low yield typical of this conversion-selectivity problem: high
H4 conversions (i.e. feeding a relatively large amount of O2) are
ssociated with relatively poor product selectivity with a large yield
f undesired combustion products like COx. In addition, the highly

eactive intermediate C2H4 may easily react to the unwanted and
hermodynamically favored oxidation products at too high O2 con-
entrations.

∗ Corresponding author. Tel.: +31 40 247 2241; fax: +31 40 247 5833.
E-mail address: M.v.SintAnnaland@tue.nl (M.v.S. Annaland).

926-860X/$ – see front matter © 2012 Elsevier B.V. All rights reserved.
ttp://dx.doi.org/10.1016/j.apcata.2012.05.002
© 2012 Elsevier B.V. All rights reserved.

Despite the difficulties in achieving higher yields, this reaction
system has always been considered very promising by both indus-
tries and research institutions. A total yield higher than 35–40%
would already make this system economically feasible. For this rea-
son, since 1980’s, many groups investigated the OCM [1,2], mainly
focusing on different catalytic materials.

The actual trend in chemical reaction engineering on OCM reac-
tion is towards the development of novel reactor concepts with
distributed feeding of oxygen (e.g. with membrane reactors) in
order to keep a low concentration of oxygen along the reactor and
thus improving the product yield. The design and optimization of
such reactors require the development of adequate kinetic mod-
els for catalysts operated at high temperatures and low oxygen
concentrations.

A widely investigated catalyst for OCM is Li/MgO [3], which is
already active and selective at reaction temperatures of 750 ◦C but
is inherently unstable because of the loss of active components.

Usually the research is limited to study the catalyst perfor-
mance and the determination of a reaction mechanism, however,

for reactor modeling and design of a new process involving oxida-
tive coupling of methane, possibly combined with steam reforming,
and carried out in membrane reactors an accurate description
of the most important reaction rates is required. A quantitative

dx.doi.org/10.1016/j.apcata.2012.05.002
http://www.sciencedirect.com/science/journal/0926860X
http://www.elsevier.com/locate/apcata
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escription of the reaction rates of the most important reactions
n a Mn/WO4/SiO2 catalyst by means of a relatively straightfor-
ard kinetic study is the objective of the research described in this
aper. A simplified kinetic model is presented, describing the rates
f the primary and secondary reactions prevailing during the oxida-
ive coupling of methane over a Mn/Na2WO4/SiO2 catalyst. The
rimary reaction rates were measured in a micro-catalytic fixed
ed reactor under differential operating conditions, while the sec-
ndary reaction rate constants were derived from a kinetic study
y Takanabe and Iglesia [4] in which the first order rate constants
ere determined by means of isotopic labeling of CH4, C2H4 and

2H6.
The obtained reaction rates were described via conventional

ower-law reaction rate expressions.
This paper starts with a short review of the available catalysts

or oxidative coupling and two promising catalysts are discussed
n more detail. The preparation of the best performing catalyst, the
xperimental setup and the procedures followed during the exper-
mental program are described. The composition of the selected
atalyst is compared with available data from the literature by
nalyzing the elements in a small amount of catalyst via X-ray flu-
rescence (XRF) spectroscopy. Subsequently, it was shown that the
redox) catalyst remains in the oxided state and the percentage of
he oxides on the catalyst that can be reduced is measured by means
f thermogravimetric analysis. Finally, the homogeneous reaction
ates (mostly occuring in the pre- and post-catalytic sections) and
he catalytic reaction rates during the oxidative coupling were
etermined in a micro-catalytic fixed bed reactor by investigating
he dependency of the conversion rates on the partial pressures
f methane, oxygen, ethylene and ethane. The reaction rates of
he relevant reactions are described using power-law reaction rate
xpressions in a simplified kinetic model.

.1. Review on OCM catalysts

A large number of unsupported and supported catalysts, mostly
lements from Group I to II of the Periodic Table, was developed and
ested for their catalytic activity and stability for OCM. It has been
ndicated that for alkaline earth metal (e.g. Mg, Ca, Sr) and promoted
are earth (e.g. La, Ce, Nd) oxide catalysts the performance can be
odified by adding an alkaline earth promoter [5].
Unsupported catalysts with a better activity and selectivity are

or example lanthanide oxides Nd2O3, Eu2O3 and La2O3 [6], where
he strong basic sites of e.g. La and Nd oxides result in improved
atalytic activity. The activity can be increased by doping with Ce
r Nd, addition of 10 wt% ceria showed an increase in the C2 yield
o 20–22% [7]. The Sr-promoted La2O3 showed however the best
erformance according to Choudhary and Uphade [5].

The C2 yield (15–20%) of these catalysts is acceptable, however,
nsupported catalysts are less applicable in industrial environment
ue to their weak mechanical strength and limited reaction rate per
nit catalyst volume.

Numerous studies have been performed to determine which is
he best catalyst/support combination for OCM and some of the
ighlights have been listed in Table 1, for several inlet CH4/O2 con-
entrations.

The C2 yield that can be achieved with supported catalysts varies
etween 12 and 21%, at relatively similar temperatures. However,
he catalytic activity should also be taken into account (represented
y the CH4 reaction rate), because it determines the required reac-
or volume and the volumetric heat generation. For example, the
i/MgO catalyst has a relatively low activity (also at higher GHSV),

ut a very acceptable C2 yield of 19%.

Next to selectivity and activity, another important issue for OCM
atalysts is the long-term stability; because of the high operating
emperature and the prevailing exothermic reactions, the active
: General 433–434 (2012) 96–108 97

catalytic components tend to migrate or even evaporate from the
catalytic surface leading to deactivation of the catalyst. For cata-
lysts, such as the Li/MgO catalyst, the high mobility of Li limits the
lifetime and thus the industrial applicability.

The problem can be partially solved by using excess catalyst,
thereby decreasing the utilization of the catalytic bed, and by
selecting a catalyst with high activity such as La2O3. If the catalyst
gradually deactivates, the remaining catalyst will be used until the
overall activity becomes unacceptable, however at the expense of
throughput. Another method is to apply a catalyst with better sta-
bility but with lower activity, such as the Mn/Na2WO4 catalyst. The
properties and performance of these two catalysts are discussed in
somewhat more detail below.

1.1.1. The La2CO3/CaO catalyst
In the literature it is found that if OCM catalysts are promoted

by lanthanoids or alkali metals, additional activity and selectivity is
observed during kinetic experiments [5]. A catalyst showing a great
thermal and hydrothermal stability is the La2CO3 catalyst which
was tested on oxidative coupling activity for periods up to 500 h on
stream [9].

High C2 yields were experimentally observed with the use of
rare earth oxides promoted with alkaline earth metals as catalyst.
As shown in Table 1, the Sr-promoted La2O3 with a Sr/La ratio of 0.1
showed good results at an CH4/O2 inlet ratio of 4.0 and a tempera-
ture of 800 ◦C, at which a CH4 conversion of approximately 28–29%
and a yield around 18% could be obtained [5].

The support of this catalyst is equally important, because it
partially determines the catalytic performance because of its sur-
face basicity, larger surface area and lower cost. In addition, when
catalysts are applied in industrial scale reactors the support pro-
vides mechanical strength (crushing strength) and a lower pressure
drop across the catalyst bed. The activity and selectivity of Li/MgO
catalysts were drastically reduced when they were supported on
different catalyst carriers due to formation of metal oxides contain-
ing Li and Mg, because the basicity of the active sites was strongly
influenced by the origin of the support and the deactivation because
of chemical interaction between support and catalyst. However, the
most active catalysts reported for oxidative coupling of methane is
the La2O3 catalyst supported on CaO, which has been proposed by
a.o. Becker and Baerns [17].

1.1.2. The Mn/Na2WO4/SiO2 catalyst
With most catalysts, the overall C2 product yield obtained in

single pass operation mode does not exceed 25–30%, which is the
generally considered lower limit for commercialization of OCM
[5,18,19].

In the 1990s, however, an active and stable catalyst has been
developed by Fang et al. [20], who identified sodium-promoted
manganese oxides as promising catalysts for the oxidative coupling
of methane.

Catalysts based on manganese oxides were already suggested as
good OCM catalysts by Sofranko et al. [21], who measured methane
conversion rates over various transition metal oxides in a redox
cyclic mode of operation. From the investigated transition metal
oxides, only manganese and tin oxides remained stable, while an
overall C2 selectivity of more than 75% was achieved on the more
stable and less volatile manganese oxides supported on SiO2 at
temperatures around 800 ◦C [21,22].

By addition of alkali metals or alkaline earth metals, the surface
basicity and the interaction between the alkali metal ions and the
manganese oxides leads to suppression of carbon oxide formation

[23]. This method was further developed and used by Fang et al.
[20] into a catalyst containing 2 wt% Mn/5 wt% Na2WO4 supported
on SiO2, which appeared to have a much higher stability probably
thanks to by the presence of tungsten.
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Table 1
Reactivity and performance of supported OCM catalysts.a

Catalyst CH4/O2 (−) T (◦C) �CH4 (%) SC2+ (%) YC2+ (%) rCH4 (�mol/(g s)) mcat (g) GHSV (ml/g/h) Reference

Unsupported
La/CaO 4 800 28 56 16 1 [7]
Ce/MgO 4 800 28 50 14 1 [7]
Sr/La2O3 4 800 29 59 17 1 [8]
La2O3 5.4 800 24.0 65.0 15.6 49.6 0.3 19,977 [9]

Supported
Li/MgO 2 750 37.8 50.3 19.0 0.268 4 747 [2]
Pb/SiO2 6 750 13.0 58.2 7.6 57.2 0.1 119,880 [10]
Mn/Na2WO4/MgO 7.4 800 20.0 80.0 16.0 6.9 2.1 3212 [11]
Li/Sn/MgO 9.6 680 14.3 84.0 12.0 18.7 0.75 15,984 [3]

The Mn/Na2WO4 catalyst
1.9% Mn/5% Na2WO4 4.5 850 33 80 26 2.8 0.40 2700 [12]
2% Mn/x% Na/3% WO4 3.0 800 33 59 19 2.1 0.10 70,560 [13]
2% Mn2O3/5% Na2WO4 4.0 780 33 37 12 6.3 0.40 196,110 [14]
2% Mn/5% Na2WO4 7.4 800 20 80 16 2.8 0.51 12,917 [15]
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2% Mn/5% Na2WO4 3.0 800 36.8 64.9
Mn/Na2WO4/SiO2 4 820 30 68

a CH4/O2 ratio = 2–10, p = 1 bar.

Further optimization of a x%Na-3.1%W-2%Mn/SiO2 catalyst (x
arying from 0 to 7.8 wt%) indicates that a good catalytic perfor-
ance can only be obtained if all 3 metals of this trimetallic system

re present at the catalyst surface [13].
For example, there is an optimum Na-concentration at the cat-

lyst surface, which influences the near-surface composition of
and Mn. The addition of Na decreases the CO selectivity; with

odium free catalyst a CO selectivity of approximately 61% is real-
zed but this value decreases to about 13% on a catalyst containing
.8 wt% Na.

A strong correlation exists between the surface Mn concentra-
ion and the catalyst performance, hence, a too high Na load will
ause enrichment of Na near the surface resulting in a decrease of
he surface Mn concentration, directly affecting the CH4 conver-
ion and C2 selectivity, see [13]. By doping the catalyst with SnO2,
significant increase of the CH4 conversion up to 33% and a cor-

esponding C2
+ selectivity of approximately 73% can be achieved.

ofeeding oxygen and methane without diluent at elevated pres-
ure (6–10 bar), CH4/O2 ratio of 6 and high GHSV resulted in much
igher C2

+ selectivity mainly because of the production of C3
30%) and C4 (4%) components, which is remarkably higher than
ound with other investigated catalysts [14]. The reason for the
emarkable increase in conversion and selectivity is thought to
e the improvement in O2 storage capacity due to the addition
f SnO2, while the migration of catalytic species to the catalyst
urface is also enhanced [14]. This behavior was also observed
ith the addition of Na2WO4 to a catalyst consisting of Mn/SiO2

13].
The stability of the Mn/Na2WO4 catalyst on SiO2 and MgO was

nvestigated in the cofeed and pulsed feed mode in a fixed bed
icroreactor (alumina tubes) at temperatures varying from 750

o 800 ◦C and CH4/O2 ratios between 5 and 10 (integral operation).
uring an on-stream time of at least 30 h, the CH4 conversion and
2 selectivity could be maintained at constant values of respec-
ively 20% and 80%, with both the Mn/Na2WO4/SiO2 and the

n/Na2WO4/MgO catalyst [24].
The activity of the MgO based catalyst could however not be

etained because of a significant decrease in surface area during the
peration. The SiO2 based catalyst appeared to be stable under inte-
ral and differential conditions, showing that O2 deficiency does
ot play a role in the deactivation. In contrast to other researchers

ho all conclude that the catalyst is highly stable during very long

perating time (>500 h), Pak and Lunsford [25] concluded that the
n/Na2WO4/SiO2 catalyst gradually deactivates over time, but that

his effect is partially compensated or masked by the observed hot
[16]
1 0.2 30,000 [11]

spots in the reactor, which they confirmed by investigating the
temperature profiles along the axial reactor coordinate.

Experimental results performed by different research groups
showed that the catalyst shows excellent overall C2 selectivity
(80%) at moderate CH4 conversions (20–25%), especially under oxy-
gen limiting conditions [24]. Long-term experiments under OCM
conditions also demonstrated that the initial activity could be
retained for periods up to 97 h in a small fixed bed reactor [25]
and even up to 450 h in a fluidized bed reactor [26].

For this reason the Mn/Na2WO4/SiO2 catalyst is one of the best
and most promising catalysts available for the oxidative coupling
of methane, especially in packed bed membrane reactors.

Another advantage is the easy preparation of this catalyst.
The Mn/Na2WO4/SiO2 catalyst can be very easily prepared from
readily available chemicals. The most common way to produce
Mn/Na2WO4 catalyst on SiO2 is incipient wetness impregnation
with aqueous solutions of Mn(NO3)2 and Na2WO4 at 85–90 ◦C
[11–13,27,28] followed by drying in air or O2 at 80–130 ◦C.

Although 50–90 ◦C is the most often used impregnation tem-
perature, some researchers also appear to carry out this step
at room temperature [12]. Calcination of the catalyst is carried
out under flowing air/oxygen at temperatures in the range of
800–900 ◦C. Chou et al. [14] applied equal volume impregnation at
54 ◦C and subsequent impregnation with toluene solutions contain-
ing 5% di-n-butyltin dilaurate to obtain (SnO2 doped) Mn2O3/5%
Na2WO4/SiO2. The composition of the catalyst was optimized to
a large extent by Fang et al. [20] and it was found that a cata-
lyst with a loading of 2 wt% Mn and 5 wt% Na2WO4 results in high
selectivity and methane conversion. This was confirmed by other
researchers, who determined an optimal catalyst composition of
0.8 wt% Na/3.1 wt% W/1.2 wt% Mn on SiO2 [13,18,20].

1.2. Reaction mechanisms proposed in literature and influence of
operating conditions

It is generally accepted that the heterogeneously catalytized
oxidative coupling reaction involves the abstraction of a H-atom
from methane by the adsorbed O2 species, leading to the formation
of methyl radicals at the catalyst surface. The generated intermedi-
ate methyl radicals then react further to form the primary reaction
products, ethane and carbon oxides in the gas phase via branched

chain reactions in the pores of the catalyst and in the void space
between the catalyst pellets [29]. The reaction mechanism of OCM
on Mn/Na2WO4/SiO2 appears to be similar to that of other OCM
catalysts [15].
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The reaction network is complex involving many heterogeneous
urface and homogeneous gas phase reactions. Many kinetic mod-
ls have been developed with varying complexity, depending on
hether surface and gas phase reactions have been accounted for

eparately [4,8,29,30].
In this study, where the quantitative description of the con-

umption and production rates of the main gas phase components is
he primary objective, some relatively unimportant reactions were
gnored and other reactions lumped together, so that the reaction
ate expressions are simplified and the kinetic model is determined
ased on the most important primary and secondary reactions.

.2.1. Primary reactions
During the initial stage of the reaction, the methyl radicals are

oupled near the catalytic surface to form C2H6, CO and/or CO2
5,8,31].

H4 + (1/2)O2 → C2H6 + H2O �H◦
298 = −88.3 kJ/molCH4 (1)

H4 + 2O2 → CO2 + 2H2O �H◦
298 = −802 kJ/molCH4 (2)

H4 + H2O ⇔ CO + 3H2 �H◦
298 = −200 kJ/molCH4 (3)

H4 + O2 → CO + H2O+H2 �H◦
298 = −277.8 kJ/molCH4 (4)

t differential operating conditions, ethylene is only formed in very
mall quantities as a primary product, whereas at higher CH4 con-
ersion the bulk of C2H4 is formed via either oxidative or thermal
ehydrogenation reactions [15].

Carbon dioxide is considered as both a primary and secondary
eaction product, and it was found that the origin of CO2 of the pri-
ary reaction is the combustion of methane. A simplified scheme

f the reaction network was presented (in slightly different forms)
e.g. [4,8]).

.2.2. Secondary reactions
A good OCM catalyst should generate sufficient methyl radi-

als (activity) and take care that these radicals couple to form C2H6
efore unselective or secondary reactions take place. Increase in the
ate of secondary reactions, which occurs at increasing O2 and C2
oncentration levels, will inevitably lead to loss of selectivity and
dditional heat production [32].

2H6 + (1/2)O2 → C2H4 + H2O �H◦
298 = −105.5 kJ/molC2H6 (5)

2H6 → C2H4 + H2 �H◦
298 = +136 kJ/molC2H6 (6)

2H6 + (7/2)O2 → 2CO2 + 3H2O �H◦
298 = −1428.7 kJ/molC2H6 (7)

2H6 + (5/2)O2 → 2CO2 + 3H2O �H◦
298 = −757 kJ/molC2H6 (8)

2H4 + 3O2 → 2CO2 + 2H2O �H◦
298 = −1323.2 kJ/molC2H4 (9)

2H4 + 2O2 → 2CO + 2H2O �H◦
298 = −757.2 kJ/molC2H4 (10)

O + H2O ⇔ CO2 + H2 �H◦
298 = −41 kJ/molCO (11)

O + (1/2)O2 → CO2 �H◦
298 = −283 kJ/molCO (12)

2 + (1/2)O2 → H2O �H◦
298 = −241 kJ/molH2 (13)

thylene is considered as a secondary product formed by oxidative
ehydrogenation or thermal cracking of ethane, which was demon-
trated by Pak et al. [15] who compared the C2H4 formation rate
nder differential and integral conditions. The subsequent oxida-
ion reactions will only be prominent if the concentration of C2H4
s sufficiently high, which is typically downstream in the reactor.

The first reaction leading to C2H4 formation is the oxidative
ehydrogenation of ethane (reaction (5)), while the second reac-

ion is the thermal dehydrogenation of ethane (reaction (6)). It was
ound that co-feeding ethane with methane and oxygen to a reac-
or in the absence of a catalyst leads to a greatly increased overall
onversion, because it led to an increased radical concentration
: General 433–434 (2012) 96–108 99

and hence higher branching rates (C2H6 has a lower C H bond
energy than CH4). Although this beneficial effect disappears when
the ethane-to-methane inlet ratio exceeds 0.04 [33], it increases
the opportunity of using natural gas as a carbon source (well-head
quality natural gas typically contains some ethane).

Co-feeding of ethane in the presence of a Sn/Li/MgO catalyst dur-
ing the OCM reaction resulted in a higher ethylene concentration
combined with a lower methane conversion, and measurement of
the 13C content in both ethylene and ethane confirmed that the
main source of ethylene is ethane [32].

Although both CO and CO2 are considered as primary reaction
products [34–36], a large part of carbon oxides is also formed via
combustion of C2H4 [25]. However, it was also found during studies
into the source of COx that at lower temperatures deep oxida-
tion mainly occurs via methane combustion. As the temperature
increases, at which OCM is favored, the primary source of COx prod-
ucts is predominantly the combustion of ethylene and ethane [32].

1.2.3. Influence of operating conditions
The critical parameter which determines the performance of

oxidative coupling of methane clearly is the oxygen concentration
in the reactor. Because O2 is involved as a surface species, oxygen
needs to be present in sufficient amounts to provide a continu-
ous supply of O2 to the OCM reaction on the catalyst surface [15].
The range in which the oxygen inlet concentration can be varied
is at least limited by 2 constraints. First, because of the highly
exothermic reactions a relatively high methane-to-oxygen ratio
is required to overcome heat removal problems and to keep the
(local) methane conversion sufficiently low. When pre-mixed feed
is applied, the lower a CH4/O2 ratio is determined by the upper
flammability limit of methane–oxygen mixtures, which amounts
approximately 60–65 mol% CH4 at atmospheric conditions [34].

Distributed feed of O2 can be applied to have sufficiently low
local O2 concentrations to overcome too high reactor temperatures
and to remain below the flammability limits.

Because O2 is a surface species, and many OCM catalysts are
redox type catalysts, the performance of the OCM process with pre-
mixed feed of oxygen and methane was compared with operation in
the cyclic mode, in which oxygen and methane are sequentially fed
to the reactor (avoiding direct contact between gaseous oxygen and
methane). During this reaction, lattice oxygen is the main reactant
in the coupling reaction instead of gaseous/molecular O2.

It was shown that with longer reduction time (CH4 cycle)
the overall time-averaged methane conversion drops significantly
while the C2 selectivity increases at temperatures varying from 800
to 850 ◦C. Because of the limited run time lengths of only 0 to 5 min,
the overall yield per time is low. In large (industrial) reactors the
presence of gaseous O2 is preferred for maximizing conversion and
selectivity [22].

The oxygen concentration has a large influence on the C2 selec-
tivity that can be obtained. The decreased C2 selectivity at high
O2 concentrations was for observed on any OCM catalyst, see e.g.
[3,15,31].

Because of the lower O2 reaction order for the OCM reaction
(C2H6 production), a high C2 selectivity will be achieved at lower O2
levels at the expense of a lower methane conversion at increasing
methane-to-oxygen ratio. This does not necessarily mean that the
highest C2 yield is also obtained at a low O2 concentration, because
there is a threshold between higher methane conversion and higher
C2 selectivity.
Using a too low O2 concentration might however lead to
extinction of the reaction, as observed by Sofranko et al. [21] who
identified that molecular oxygen should always be present in order
to achieve sufficient CH4 conversion (15–20%) at high C2 selectivity
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however, the sample mass decreased to a constant value whereas
coke formation would have led to an increase of the sample mass
(see Figs. 1 and 2).

Table 2
Measured composition of the Mn/Na2WO4/SiO2 catalyst by X-ray fluorescence anal-
ysis (XRF).

Analysis m (mg) Na (wt%) Mn (wt%) W (wt%)
00 T.P. Tiemersma et al. / Applied Cata

80–90%). Hence, there will be an optimum O2 concentration for
aximum C2 yield.

.2.4. Effect of reactor pressure
The effect of the total pressure on the reaction rates of OCM

as investigated over a wide range varying from 100 to 800 kPa.
or a catalyst with a relatively low catalytic activity, such as
he Mn/Na2WO4/SiO2 catalyst, and especially at higher pressures
>600 kPa) the influence of gas phase reactions becomes impor-
ant. At high pressure and high residence time, it was found that
he only significant effect of the catalyst is the conversion of
O into CO2 and the selectivity towards C2 products decreases
34,37]. In addition, gas-phase reactions in the pre and post cat-
lytic space can become dominant at pressures above 1000 kPa,
hich can lead to uncontrollable selectivity. The contribution of

he pre- and post catalytic volume to the OCM process can be
inimized by reduction of the available volume and the tem-

erature in this zone (by introducing e.g. steep temperature
radients).

The effect of elevated reactor pressures on the catalytic reac-
ion rates was investigated with a SiO2 based catalyst at a constant
pace velocity and a CH4/O2 ratio of 10. The influence on CH4 con-
ersion and C2 selectivity was very small, which indicated that
he productivity of C2 hydrocarbons per unit mass of catalyst is
igher, because of the higher mass velocity at elevated pressure
11].

Similar observations were also reported by other researchers;
owever, they also discussed the thermal effects which accompany
he coupling and combustion reactions. Although only 20–40 mg
atalyst was used at differential operating conditions, a tempera-
ure increase of almost 82 ◦C over a length of approximately 6 mm
as measured during experiments for both MgO and SiO2 based

atalysts in the unsteady state; the large temperature gradient can
e partially attributed to the high initial activity of the catalyst
11,25].

.2.5. Effect of reactor temperature
The influence of the operating temperature on oxidative cou-

ling is significant, although bound to maximum temperatures
ecause of catalyst stability and selectivity problems. Because the
ctivation energy of the selective coupling reaction is typically
igher than for the primary reactions, the selective reaction is
uch more sensitive to temperature variations. Therefore, a high

emperature is desired for maximum reaction rate. Although at
eactor temperatures in the range from 675 to 750 ◦C the selectiv-
ty towards C2 products keeps increasing with rising temperature,
lready at 750 ◦C the contribution of homogeneous gas-phase reac-
ions can be relatively high.

The gas phase reactions play an important role in oxidative cou-
ling (increase in the yield of C2 products). At temperatures above
25 ◦C and a pressure of 130 kPa it was found that a C2 yield of 20%
ould be reached over a Sn/Li/MgO catalyst and on a Li/MgO cat-
lyst; it was concluded that the higher yield is partially achieved
ue to thermal cracking of ethane to ethylene [3,34]. If the reactor
emperature, however, becomes too high, the contribution of non-
elective gas-phase reactions becomes important. Moreover, most
CM catalysts deactivate at a faster rate at higher temperatures,
hich makes it difficult to maintain steady state operation for the

ndurance of an experiment. Typically the lifetime of a Li/MgO cat-
lyst is limited to 100 h, but this can be enhanced by limiting the
eactor temperature [3,31] and doping of the Li/MgO catalyst with

.g. tin. Other catalysts, such as the Mn/Na2WO4 catalyst, can per-
orm at much higher temperatures (850–900 ◦C), which allow the
se of a higher temperature and simultaneously producing suffi-
ient C2 products.
: General 433–434 (2012) 96–108

2. Experimental

2.1. Catalyst preparation

In this work, the Mn/Na2WO4 on SiO2 catalyst is prepared by the
two-step incipient wetness impregnation using solutions of pure
Mn(NO3)2 and Na2WO4 obtained from Sigma Aldrich. The carrier
is commercially available silica, Sigma Aldrich grade 10181. The
impregnated silica is then calcined at 850 or 900 ◦C in air.

2.2. Catalyst characterization

The calcined silica has been characterized by means of XRF anal-
ysis. After calcination the catalyst contains approximately 2 wt% Mn
and 5 wt% Na2WO4 (see Table 2).

Before the kinetic experiments were performed, it was verified
that the catalyst preparation method is reproducible and that the
activity and the selectivity are comparable with results published in
literature. With a calcination temperature of 900 ◦C a C2 yield of 20%
could be obtained at a CH4 conversion of 30%, the small obtained
differences with the reported literature data can be attributed to
the use of air in this work instead of pure oxygen often used in the
literature.

The observed reactions rates are very similar to published val-
ues (e.g. [11]). During the explorative experiments, however, under
differential conditions, at various flow rates and reaction temper-
atures, it was found that the reaction rates are slowly decreasing
with time on stream, which could indicate catalyst deactivation
by either migration of active components, sintering of the struc-
ture or blocking of the active sites (e.g. by carboneaceous species
or reaction products).

The possibility of migration of active components, which
increases at higher operating temperatures, was excluded by an
experiment where the flow of methane and oxygen to the reactor
was switched off (after a short purge with N2), and switched back
after a couple of minutes.

If the loss of active components would be the main reason for
the decreasing reaction rates, it is expected that reaction rates will
be at the same level again after switching back to the reactor mode.
However, after switching back to the feed flow the activity was only
partially restored, from which it is concluded that migration is not
the main mechanism for the decrease in catalytic activity at this
short time scale.

Adsorption of species (such as C2H4 and C2H6) at the catalyst
surface could also be a possibility, although under the applied
conditions the formation of carbonaceous species on the catalyst
surface is thermodynamically possible and therefore much more
likely. When the reactor flow is stopped, the carbonaceous deposits
can possibly disappear during the period of no feed flow by reaction
with the remaining oxygen. This was verified with Thermal Grav-
ity Analysis (TGA) by switching flow between a methane rich flow
(50% CH4/50% N2) and an air flow. During the period of reduction,
sample

1 614.9 0.95 2.47 2.78
2 532.7 0.95 2.49 2.80

Average 0.95 2.48 2.79
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Fig. 1. Mass of a Mn/Na2WO4/SiO2 sample obtained with Thermal Gravity Analysis
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mole fractions and the amount of condensed water is computed
TGA) at different temperatures with a reduction cycle with H2 and oxidation cycle
ith an OCM reaction mixture of 4% O2, 25% CH4, balance N2.

After oxidation in air, the original sample mass was retained
hus there is another mechanism responsible for the changes in
he activity.

It was found that after oxidation with air (and a short flush of the
eactor with N2), the C2 selectivity was significantly improved from
0% to 70% if a reaction mixture was fed to the sample container.
pparently, the oxidation state of the catalyst is important for the
erformance of oxidative coupling. Oxidation of the Mn/Na2WO4
atalyst is possible, Mn for example can exist as Mn, MnO, Mn3O4 or
nO2 (indeed Mn has been indicated as possible oxygen carrier for

hemical looping processes). A possible occurring transition might
e the oxidation of MnO to Mn3O4. XRF measurements have shown
hat the catalyst contains 2.48 wt% Mn, if this is present as MnO
he oxidation of MnO to Mn3O4 will theoretically result in a mass
ncrease of 0.45 mg. TGA experiments were performed at 800 and
30 ◦C by first fully reducing a catalyst sample under H2, followed
y switching to a feed mixture which equals the feed composition
sed in the kinetic set-up.

In Fig. 1 it is shown that feeding a reaction mixture to a fully

educed catalyst sample causes the reduced catalyst to increase
n weight with 0.54 mg from approximately 93 to 93.5 mg, which
s in the same order of magnitude as the theoretical calculation.

Fig. 2. Process flow diagram of the experimental set
: General 433–434 (2012) 96–108 101

Furthermore, from the relatively stable operation during OCM it can
be concluded that the catalyst remains sufficiently oxidized under
reaction conditions to maintain a good OCM performance, which is
surprising, because the CH4 concentration is a factor 6 higher than
oxygen.

This result is however supported by different TGA experiments,
with a mixture containing oxygen fractions of 0.5% and 1%, which
are still able to oxidize the catalyst.

It can be concluded that the long time required for steady state
is caused by slowly oxidizing the catalyst and this can be resolved
by flushing the reactor with air before starting the kinetic experi-
ments.

2.3. Procedure for kinetic experiments

The reaction rates of the primary reactions prevailing during
OCM over a Mn/Na2WO4/SiO2 catalyst were measured under differ-
ential conditions. The experimental set-up, contains a feed section,
a micro-catalytic fixed bed reactor and an analysis section. In the
feed section, the desired feed gas flow rate and composition are
controlled by mass flow controllers (Brooks 5850S) for methane,
air and nitrogen, as well as ethane or ethylene.

The feed mixture can be sent over a bypass to measure the exact
feed composition or fed to the reactor. The reactor is a micro-
catalytic fixed bed reactor (ID = 5 mm) made of quartz in which
the inlet and outlet temperatures are measured. It is positioned
inside a fluidized sand bed oven, resulting in very high external heat
exchange and virtual isothermal operation. The feed and product
streams are analyzed by online gas chromatography (GC), with a
Varian Micro-GC 4900 containing three columns, two 5 Å molsieve
columns to separate oxygen, nitrogen, methane, carbon monox-
ide and hydrogen and a PoraPLOT Q column to separate H2O, CO2,
C2 and C3 components. The columns are equipped with thermal
conductivity detectors.

Most water is condensed after the reactor, in order to protect
the molsieve columns. Nitrogen balance is used to calculate outlet
from the hydrogen atom balance. Resulting errors in oxygen and
carbon atom mass balances are within 1% and in most cases even
within 0.5%.

up with the micro-catalytic fixed bed reactor.
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Table 3
Diagnostic criteria for checking absence of mass and heat transfer limitations
[41,42].

Intraparticle Mass n+1
2

Ri ·(dp/6)2

Deff ·c0
i

< 0.25

Heat
|�H|·Ri ·d2

p
�s ·Ts

< 3 Ts−Rg
Ea

Interphase Mass cbulk−csurface
cbulk

< 0.05

Heat
|�H|·Ri ·d2

p < 0.3 Ts−Rg
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and quartz. With the stainless steel tube unacceptably high CH4 and
O2 conversions of 54% and 100% respectively at 810 ◦C were found
and significant amounts of carbonaceous products were formed.
˛·T Ea

Isothermal Radial
|�H|·Ri ·d2

p
�e,r ·T < 1.6 T ·Rg

Ea ·(1+8·(dp/dr ·Biw))

.3.1. Absence of mass and heat transfer limitations
For kinetic measurements, it should be ensured that mass and

eat transfer limitations are absent so that differential conditions
an be attained and that the intrinsic reaction kinetics can be mea-
ured. Temperature and concentration gradients can occur inside
he catalyst particle, between the particle surface and surrounding
as film as well as between the particles and the bulk gas phase.
everal analytical criteria have been reported to check for these
imitations, which have been listed in Tables 3 and 4.

It was found that none of these criteria becomes limiting under
he conditions investigated, however, care must be taken because
he criteria for mass transport limitations usually concern limi-
ations for reactants and products because the catalytic reaction
ntermediates only exist on the catalytic surface. During high tem-
erature reactions such as oxidative coupling, however, the catalyst
roduces methyl radicals which react further in the gas phase to
thane or are oxidized to carbon oxides. It has been reported that
ransport of these radicals could also become rate determining [29].
herefore absence of mass transfer limitations will also be verified
xperimentally in this work.

.3.2. Intra-particle limitations
To check for intra-particle limitations, measurements with dif-

erent particle sizes have been performed. If no limitations occur,
he observed reaction rate should be independent of the parti-
le diameter. Catalyst particles of 300–600 �m have been partly
rushed and sieved to a fraction of 100–300 �m. Reaction rates
ere measured for both catalyst fractions.

Fig. 3 shows only slightly reduced reaction rates for the larger
articles, so that it can be concluded that intra-particle mass trans-
er limitations do not play a significant role. Analytical evaluation
f the criterion for intra-particle heat transfer already showed that
sothermicity inside the catalyst particle is satisfied, therefore it can
e concluded that intra-particle limitations are not significant.

.3.3. External limitations
External mass transport occurs in a stagnant layer around the

articles through which reactants and products will diffuse. At
igher flow rates the thickness of this stagnant film will be reduced

nd measured reaction rates will be higher if external mass trans-
ort limitations will play a role. If no limitations occur, measured
ates must be equal for both flow rates at the same gas resi-
ence time. External mass transport limitations can be verified

able 4
perating conditions used in the kinetic experiments.

Description Value Unit

Particle size 0.3–0.5 mm
Temperature 800–900 ◦C
Total pressure 200 kPa
Catalyst 0.25–0.50 g
O2 partial pressure 0.7–28.2 kPa
CH4 partial pressure 9.7–89.6 kPa
Total flow rate 250 Nml/min
Fig. 3. Reaction rates for different catalyst particle sizes (po2 = 8.1 kPa, pCH4

= 49.6 kPa, T = 800 ◦C, p = 200 kPa, �v,tot = 200 Nml/min, mcat = 0.25 g).

experimentally by measuring reaction rates at different flow rates
and catalyst amounts, keeping the GHSV (contact time) unchanged.
In Fig. 4 the results of four cases are shown.

The figure shows slightly lower reaction rates at 500 ml/min (for
both amounts of catalyst). This result is remarkable, considering the
fact that a higher rate was expected if a transport limitation pre-
vails, because the stagnant film layer thickness should decrease.
Therefore it can be concluded that external mass transport limita-
tions do not play a significant role.

The lower reaction rates at higher flow rates can possibly be
explained by a reduction of gas phase reactions, as the residence
time in pre and post catalytic zones is reduced.

2.3.4. Extent of homogeneous reactions
It is expected that without a catalyst present, gas phase reactions

will occur due to the high temperatures in the OCM process. This
was confirmed with experiments at different temperatures, where
the contribution of gas phase reactions was measured in an empty
tube reactor. Two reactor materials have been used; stainless steel
Fig. 4. Reaction rates at different flow rates (po2 = 8 kPa, pCH4 = 50 kPa, T = 800 ◦C,
p = 200 kPa, �v = 250–500 Nml/min, mcat = 0.25–0.50 g).
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Fig. 5. Extent of gas phase reactions at different temperatures in an empty tube
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With quartz as a reactor material, it is shown that conversion
f CH4 and O2 takes place significantly, especially at higher tem-
eratures (see Fig. 5). For accurate determination of the reaction
inetics it is however necessary to minimize the influence of gas
hase reactions as much as possible, which was realized by reduc-
ion of the void space by filling the pre- and post-catalytic volume
ith inert quartz particles (1–2 mm). It can be seen that the reaction

ates have decreased with a factor 5, so that the O2 conversion is
ess than 3%, which is an acceptable level for measuring the reaction
ates at 800 ◦C.

.3.5. Experimental procedure
For the kinetic measurements, the post- and pre-catalytic reac-

or volume was filled with quartz chips of 1–2 mm and a catalyst
ass up to 0.5 g was used. The reactor inlet and outlet temperature
as measured with two K-type thermocouples.

Prior to the experiments, the setup was tested for leaks with N2
t an operating pressure of 2 bar, first at room temperature and then
t process temperature. First, the homogeneous gas phase reactions
ere measured at 800 ◦C and 2 bar, with different mixtures of CH4,

ir and N2 at a total flow rate of 250 ml/min. Subsequently, the
eactor was filled with the Mn/Na2WO4/SiO2 catalyst (max. 0.5 g,
p = 0.5 mm) and heated until process temperature with a ramp rate
f 5–10 ◦C/min under a flow of air to ensure the catalyst is in the
xidized state.

Before starting the kinetic measurements, the reactor was
urged with N2 for at least 10 min to ensure all air has been
emoved. The feed composition for each test was measured with the
ow by-passing the reactor (see Fig. 2). After the flow was switched
o the reactor, the outlet composition was measured on the GC and

rocess parameters were logged.

It was shown that the gas-phase reactions cannot be com-
letely prevented from occurring in pre- and post-catalytic zone
uring experiments with catalyst. To get insight into solely the

and in a reactor filled with quartz particles (dp = 1 − 2 mm) on (a) conversion and (b)
selectivity and yield (CH4/O2/N2 = 4:1:4, �v = 250 Nml/min, p = 200 kPa).

ig. 6. Influence of the pO2 on the CH4 and O2 consumption rates and the CO and CO2 production rates (pCH4 = 50 kPa, T = 800 ◦C and p = 200 kPa, mcat = 0.25 g, �v = 250 Nml/min).
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Fig. 7. Influence of the po2 on the C2H4, C2H6, H2 and H2O production ra
eterogeneous reactions, the rates measured during experiments
ithout catalyst present are subtracted from the rates from exper-

ments with catalyst, assuming there is no interaction between
eterogeneous and gas-phase reactions.

ig. 8. Influence of the pCH4 the CH4 and O2 consumption rates and the CO and CO2 produ
CH4 = 50 kPa, T = 800 ◦C and p = 200 kPa, mcat = 0.25 g, �v = 250 Nml/min).
Because the rates are not exactly obtained at the same partial
pressures, the experimental results are fitted, with linear, power
law or polynomial trends and subsequently the catalytic contribu-
tion is calculated.

ction rates (po2 = 8 kPa, T = 800 ◦C and p = 200 kPa, mcat = 0.25 g, �v = 250 Nml/min).
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Fig. 9. Influence of the pCH4 on the C2H4, C2H6, H2 and H2O production

. Results

The kinetic measurements have been carried out at a constant
emperature of 800 ◦C and a pressure of 2 bar. Different CH4 and O2
nlet concentrations were applied, to investigate the influence of
he concentrations on the intrinsic reaction rate and to determine
he reaction orders. Differential operating conditions were used, so
hat the overall O2 conversion was always below 25% and the CH4
onversion below 6.5%.

.1. Primary reaction rates

The primary reaction rates were measured under differential
onditions, first to determine the contribution of homogeneous
as phase reactions (also in the pre- and post catalytic sec-
ions) using the reactor filled with only quartz particles and
ubsequently for the reactor filled with the Mn/Na2WO4/SiO2 cat-
lyst.

In Figs. 6 and 7, the influence of the O2 partial pressure on
he gas phase and the total reaction rates are plotted. The cal-
ulated heterogeneous contribution (substracting the gas phase
eaction rate from the total measured reaction rate) is also dis-
layed.

Comparing the extent of gas phase reactions to the total reac-
ion rate, it can be concluded that at low O2 partial pressures,
he most interesting concentration range for OCM, there is hardly
ny influence of gas phase reactions on the total reaction rate and
he C2 selectivity is high (Figs. 6 and 7). Above an oxygen partial
ressure of 10 kPa, however, it can be seen that particularly car-
on monoxide and hydrogen are almost entirely generated in the

as phase, while CO2 is only produced in small amounts over the
ntire range of O2 partial pressures investigated. It can be concluded
hat the contribution of the catalyst to H2 and CO production is
egligible.
(po2 = 8 kPa, T = 800 ◦C and p = 200 kPa, mcat = 0.25 g, �v = 250 Nml/min).

Ethane is only formed in the gas phase at pO2 higher than
7–10 kPa due to coupling reactions, while C2H4 can be consid-
ered as a secondary product which will only be generated in
sufficient amounts at higher CH4 conversions. The catalyst clearly
leads to selective C2H6 formation, already at low O2 pressures,
but the net generation rate is decreasing at higher O2 pres-
sures because a part of C2H6 is likely to be dehydrogenated to
C2H4.

It can be seen that the overall reaction order for each com-
ponent is slightly different in the gas phase, particularly for the
CO formation rate the O2 reaction order is rather high, while the
other components show reaction orders in O2 slightly higher than
1, which results in a decreasing C2 selectivity at higher O2 concen-
trations.

A second set of experiments was performed, but in this series a
constant O2 partial pressure of 8 kPa was used while the CH4 inlet
partial pressure was varied. From Figs. 8 and 9 it can be inferred
that nearly all components show first order dependency on the
CH4 concentration. Products of the gas phase reactions are mainly
CO and C2H6, as also observed before in the experiments when
varying the O2 concentration. At higher CH4 partial pressures, it
seems that the catalytic partial oxidation to CO and H2 is gaining
some importance, as can be inferred from the increasing catalytic
contribution to CO production (Fig. 10)

The contribution is however still small, as the catalytic produc-
tion rate of C2H6 is much higher. The large difference between C2H6
and C2H4 generation rates (note the different scales in Fig. 9a and b)
again confirms that C2H4 can be considered as mostly a secondary
product.
3.2. Kinetic model

The derivation of the kinetic model is also split into two parts.
During the measurements at differential conditions, the secondary
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ig. 10. Schematic simplified reaction scheme for the oxidative coupling of methane
n Mn/Na2WO4/SiO2.

eaction rates can be neglected and the reaction rate constants of
he primary reactions can directly be determined. The kinetic model
or the primary reactions then serves as a basis for the calculation
f the secondary reaction rate constants from the literature.

.2.1. Assumptions
The measurements at various CH4 and O2 inlet concentrations

t differential operating conditions have led to experimental data
hich can be used to derive a simplified kinetic model. The follow-

ng preliminary conclusions can be made:

The oxidation reaction to CO proceeds mainly in the gas phase.
The origin of CO2 is mainly CH4 at the used differential conditions.
The oxidative coupling reaction produces the primary reaction
product C2H6.
Ethylene is mainly generated via C2H6 oxidative dehydrogena-
tion.
The secondary oxidation reactions can be neglected at the used
conditions.

These observations will be shortly discussed in the following
ections.

.2.2. (Oxidative) dehydrogenation of ethane
Two pathways exist for C2H4 formation, the oxidative (reac-

ion (5)) and the thermal (reaction (6)) dehydrogenation reaction.
xperiments with a feed of 50 kPa C2H6 without and with 1 kPa
2 have been carried out in a reactor with 0.25 g of catalyst at
00 ◦C at 200 kPa to examine the relative rates of these reactions.
he experiment with O2 showed 50% C2H6 conversion and almost
00% conversion of O2. Most C2H6 is converted to C2H4 (selectivity
8.6%) and all O2 reacted to CO2.

Also traces of CH4 were found in the product stream, but this
eaction is neglected due to the low significance. The experiment
ithout O2 showed similar C2H6 conversion and C2H4 formation

nd the temperature inside the reactor dropped slightly when the
ixture was fed to the reactor, indicating that the endothermic

hermal dehydrogenation reaction took place and not the exother-
ic oxidative dehydrogenation.
At higher O2 concentrations, however, it is expected that the

xidative dehydrogenation has a more important contribution;
herefore the reaction will be incorporated in the kinetic model.

.2.3. Hydrogen oxidation
Partial oxidation of CH4 and C2 and the dehydrogenation of

2H6 lead to H2 formation. It is likely that H2 will react fast with

2 to form water (reaction (13)). Several studies on the reaction
echanism of H2 oxidation have been reported in the literature

38,39] and it is believed that it consists of 19 elementary steps.
he behavior is complex, as the reaction rates are dependent of
: General 433–434 (2012) 96–108

three explosion limits. The exact location of the explosion limits
depends on various factors such as the size of the reaction vessel,
the surface-to-volume ratio, and the initial reactant concentrations
(including inert components, such as N2 etc.) [40].

Impurities and the reactor surface (even quartz) will influence
reaction rates, so that it is difficult to determine the reaction rates
of H2 oxidation at OCM conditions. Furthermore there is no infor-
mation in the literature whether Mn/Na2WO4/SiO2 will catalyze
this reaction. The experimental results show that H2 formation in
the presence of this catalyst is similar to that in the gas-phase. At
first sight it might be concluded that the catalyst has no influence
on hydrogen oxidation. However, in the presence of the catalyst
much higher C2H4 reaction rates are measured, which are formed
by dehydrogenation of ethane. The accompanied H2 production is
not measured at the reactor outlet.

Additional difficulty is that most dehydrogenation will take
place in the post-catalytic zone. The most probable explanation
for the observed results is that the hydrogen produced during gas-
phase partial oxidation of CH4 in the pre-catalytic zone is (partly)
catalytically oxidized to water, followed by H2 production in the
post-catalytic zone by dehydrogenation. This might be the reason
why the net hydrogen production is similar for experiments with
and without catalyst. To enhance the understanding of the later
proposed mechanism, it is assumed that all H2 formed during cat-
alyzed reactions and the dehydrogenation of ethane is converted
to water.

3.2.4. Ethane and ethylene oxidation
To get insight into the primary and secondary reactions of OCM,

it is important to know the origin of the unselective products CO and
CO2. Next to CO being a primary and secondary oxidation product,
it has been reported that good coupling catalysts generally are also
effective for the conversion of CO to CO2 [36].

Thus, although the catalytic contribution to CO formation seems
negligible, it might be produced much faster in the experiments
with a catalyst, but is converted at a similar rate in a consec-
utive reaction to CO2 (reactions (11) and (12)). However, here
it is assumed that the CH4 conversion to CO is not catalyzed.
Experimental verification of the origin of the carbon oxides, was
carried out with C2H6 in the feed at an O2 partial pressure of
15 kPa. The inlet concentration of 0.5 kPa C2H6 was based on the
average concentration measured in the reactor outlet during differ-
ential measurements of OCM. Surprisingly, in experiments without
and with 0.25 g catalyst, in both cases it was found that C2H6 is
totally converted and CO and CO2 are formed at 1.86 × 10−6 and
2.05 × 10−6 mol/(g s) respectively, which is higher than the mea-
sured rates at the experiments with only CH4 and O2 in the feed
(Figs. 6 and 7).

The results can be explained by considering the fact that if CH4
is not present in the feed streams, which has been reported to have
an inhibiting effect on C2H6 and C2H4 oxidation in the gas phase
[25,30].

It was also attempted to determine the C2 secondary oxidation
reaction rates in the micro-catalytic reactor by co-feeding C2H4 or
C2H6 at different O2 and CH4 inlet concentrations, however, this
resulted in an unacceptable error in the carbon mole balance and
differential conditions could not be obtained (C2H6 conversion of
more than 40%). In addition, a significant deviation from isothermal
operation was observed because of the strongly exothermic reac-
tions. Furthermore, it cannot be excluded that part (or all) of the C2
products are already converted prior to reaching the catalyst bed
in the pre-catalytic zone, which inevitably results in large inaccu-

racies in the determination of the kinetic parameters of secondary
reactions.

Because the secondary oxidation reactions of C2H4 and C2H6
could not be measured and the source of COx could not be
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lucidated, the influence of C2H4 and C2H6 oxidation was esti-
ated by comparing the obtained experimental results with

he reaction rate constants determined by Takanabe and Iglesia
4]. They recently measured the first order rate constants on a

n/Na2WO4/SiO2 catalyst in a recirculating batch reactor at differ-
ntial operating conditions. Isotopic labeling of CH4, C2H4 and C2H6
llowed for accurate determination of the rate constants, unravel-
ng the complex catalyzed reactions in the OCM process, which was
lso performed by other researchers [4,25,36].

It was found that the contribution of secondary oxidation of C2
omponents to carbon oxides depends on many parameters, and
t appears that the rate constant for CO2 formation from C2H4 is
8 times larger than that for CH4 oxidation, while C2H6 combus-
ion plays no significant role [25]. Takanabe and Iglesia [4] found
ratio between the reaction rate constant of C2H4 and CH4 oxida-

ion of 4.3, which confirms the measurements of Pak and Lunsford
25]. In contrary to other researchers, they also found that the ratio
etween C2H6 and CH4 oxidation is 2.7, which suggests that C2H6
xidation cannot be neglected in the kinetic model if it is kept in
ind that typically the C2H6 concentration is much larger than that

f C2H4, particularly at higher CH4 concentrations (see also Fig. 9a
nd b). At the differential conditions used in the experiments, how-
ver, the total contribution of C2H4 and C2H6 to CO2 formation is
n general lower than from CH4 oxidation, because CH4 conversion
s typically lower than about 30–50% because of the desired high
H4/O2 ratios. Therefore, it can be assumed that the contribution of
2H4 and C2H6 oxidation to the CO2 formation rate can be mostly
eglected for the derivation of the primary reaction rate constants.

Furthermore, it is assumed that CO formed on the catalyst sur-
ace is immediately converted to CO2, which probably is a catalyzed
eaction as described above. To simplify the mechanism further, it
s assumed that CO formed in the gas phase will not react on the
atalyst to CO2.

. Discussion

.1. Proposed simplified mechanism

Based on the analysis of the obtained experimental results and
elevant publications in the literature, the next simplified reaction
echanism for the heterogeneous reaction rates (corrected for gas-

hase reactions) is proposed:
Because no inhibition effects have been identified, the rates will

e represented by simple power-law or linear relations. Only the
otal conversion rates were derived from the experimental results,
nd the reaction rates of the individual reactions (1–5) were cal-
ulated based on the reaction stoichiometry and the assumptions
hat CO and H2 are not generated catalytically and that there is no
nteraction with gas phase reactions. Because the gas phase reac-

ions in the post-catalytic zone will be influenced by the higher
oncentrations of the reaction products (C2H6), there will be some
dditional dehydrogenation and oxidation reactions, but here it is
ssumed that the influence on the overall reaction rate is low.

able 5
inetic parameters obtained via the least squares minimization of the OCM experiments

i Reaction Expression

Based on measurements
(1) 2CH4 + ½O2 → C2H6 + H2O r1 = k1pn1

CH4
pm1

O2
(2) CH4 + 2O2 → CO2 + 2H2O r2 = k2pn2

CH4
pm2

O2
(3) C2H6 + ½O2 → C2H4 + H2O r3 = k3pn3

C2H6
pm

O

Based on (Takanabe and Iglesia (2008))
(4) C2H4 + 3O2 → 2CO2 + 2H2O r4 = k4pn4

C2H4
pm

O

(5) C2H6 + 7/2O2 → 2CO2 + 3H2O r5 = k5pn5
C2H6

pm
O

Fig. 11. Comparison of the kinetic model fit with the measured reaction rates (a)
CH4 partial pressure and (b) O2 partial pressure.

The result of the calculated reaction rates from the experimental
data for the individual reactions in the proposed reaction scheme
is displayed in Fig. 11a and b (markers).

Clearly, the secondary oxidation of C2H4 (reaction (4)) can be
neglected, because the calculated reaction rate of this reaction is
much lower than the other reactions at differential conditions, as
was concluded earlier. Hence, for the determination of the reaction
rate constants and reaction orders, only reactions (1–3) have been
taken into account. The kinetic parameters were evaluated, by fit-
ting the calculated reaction rates to the suggested power-law rate
expression (Table 5), based on least squares minimization:

ε =
datapoints∑ (

rmeasured − rfit

rmeasured

)2

As shown in Fig. 11a and b, it can be seen that the fitted reac-
tion rates are in quite reasonable agreement with the rates actually
observed and therefore it can be concluded that the proposed
mechanism is describing the experimental results adequately.
The results of the error minimization are summarized in Table 5.
Reactions (4) and (5) were omitted in the minimization, because
of the negligible reaction rates in these experiments. However,
assuming first order in O2, C2H6 and C2H4, the reaction rate con-

at differential conditions (with ki in mmol/kg/s/kPami+ni).

ki ni mi

0.0118 1.0 0.36

0.00702 0.59 1.0
3
2

0.2008 1.0 0.58

4
2

0.0520 1.0 1.0
5
2

0.0331 1.0 1.0
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tants can be roughly estimated if the ratio k4/k1 is equal to 4.3 and
5/k1 equal to 2.7, which is based on the data published by Takanabe
nd Iglesia [4].

Based on the experimental results in Fig. 11a and b, it was
ssumed that the reaction orders in CH4 for reactions (1) and (3),
nd the O2 reaction order of reaction (3) were equal to 1.0. This
esult is well in agreement with earlier obtained results from e.g.
8] on a different catalyst.

The reaction order of 1.0 for O2 for reaction (2) was also observed
y Stansch. Clearly, it can be seen that while reactions (1) and (3)
ave a reaction order of approximately 1.0 to the hydrocarbons, a

ower reaction order in CH4 was found for the methane oxidation
reaction (2)), which is also observed by Stansch [8]. An important
esult is that the reaction order in O2 for the coupling and dehydro-
enation reaction is lower than unity, while the reaction in methane
ombustion is equal to one, which results in a higher C2 selectivity
t lower O2 partial pressures.

Over the entire range of reactants pressures it is observed that
he primary OCM reaction rates can be predicted well by the devel-
ped power-law reaction rate equations.

. Conclusions

In this work, the performance of the Mn/Na2WO4/SiO2 for
xidative coupling of methane was investigated because it was
ound that this catalyst has excellent long-term stability and mod-
rate catalytic activity.

The objective was to characterize the behavior of the catalyst
nd to obtain a kinetic model which can describe the reaction rates
ith sufficient accuracy for reactor modeling studies. First, the cat-

lyst was prepared and experiments in a micro-catalytic fixed bed
eactor under integral conditions have confirmed that C2+ yields of
ore than 20% can be obtained in the oxidative coupling of methane

sing a Mn/Na2WO4/SiO2 catalyst at 830 ◦C, which is in agreement
ith results reported in literature.

By means of Thermal Gravity Analysis (TGA) it was determined
hat the catalyst, which is a reducible metal oxide, requires pre-
reatment with oxygen/air to obtain a high C2 selectivity and stable
eactor performance. The intrinsic catalytic reaction rates were cal-
ulated from the measured reaction rates with and without catalyst
t differential operating conditions. At a CH4 partial pressure in the
ange of 1090 kPa and a O2 partial pressure in the range of 0.730 kPa
t 800 ◦C and 200 kPa, the reaction rates for the reactions (oxida-
ive coupling, total oxidation of CH4 and oxidative dehydrogenation
f C2H6) were derived from the experimental data and fitted with
ower-law reaction rate expressions.

It was found that C2H6 formation is linearly dependent on the
H4 concentration, while the dependency on the O2 partial pres-
ure can be described by a power law function with a reaction
rder in O2 of 0.36, confirming observations of other researchers.
t differential operating conditions, the secondary C2H4 reaction

ates could not be determined, however, reaction rates can be well
escribed with data available in the literature, in which it was found
hat the reaction rate of C2H4 oxidation is 2–8 times larger than for
H4 oxidation. These results signify that highest C2 selectivities can

[

[
[
[

: General 433–434 (2012) 96–108

be obtained at high CH4 and low O2 partial pressures, best achieved
in reactor systems with distributed oxygen feed.
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