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Abstract— The present work is focused on evalu-
ating the anaerobic digestion of complex substrates
(proteins and carbohydrates) in anaerobic fluidized
bed reactors (AFBRs). In a previous paper, an
AFBR model was adjusted using only the experimen-
tal data obtained during the acclimatization stage
(glucose and acetate-based feeding) of two meso-
philic bioreactors. Here, the sensitivity of that model
to represent the digestion processes of proteins such
as gelatin and albumin, and sucrose as a carbohy-
drate, is analyzed. Some Kinetic expressions and pa-
rameters for the enzymatic hydrolysis processes need
to be modified to represent the real behavior of bio-
reactors. Under the analyzed operating conditions, a
hydraulic retention time higher than 1 day is sug-
gested to ensure good system efficiency.

Keywords— Anaerobic processes, biofilms, com-
plex substrates, dynamic modeling, fluidized bed
bioreactor, wastewater treatment.

I. INTRODUCTION

Most full-scale anaerobic reactors have been designed
for treating wastewaters from the sugar, starch and
brewery industries, where carbohydrates are the main
pollutants (Fang and Yu, 2002). However, many indus-
trial and agricultural wastewaters contain also a signifi-
cant fraction of proteins, which are the main compounds
responsible for the residual chemical oxygen demand
(COD) in the effluent of anaerobic reactors processing
domestic sewage.

Few studies have been carried out on how the use of
multiple and complex substrates affects the degradation
processes in a mixed anaerobic community developed
inside a fluidized bed reactor (Borja et al., 2004,
Tsuneda et al., 2002). At industrial scale, there is gener-
ally a pre-acidification tank where the complex organic
matter is degraded into organic acids. Since the acido-
genic reaction is usually rapid, this acidification tank is
relatively small (hydraulic retention time HRT of 4 to 6
hours), which usually corresponds to an existing buffer
tank.

Fluidized bed is one of the most widely used high-
rate systems for the treatment of dissolved organic mat-
ter. This reactor type retains high attached biomass con-
centration on an inert support material, presents smaller
pressure drop than fixed bed systems, shows no bed-
clogging problems, demands small reactor volume and
determines low external mass transport resistance when
compared to other reactor configurations. However,

some practical aspects need to be addressed. Due to the
slow growth rate of the anaerobic consortium compared
to the aerobic growth, anaerobic systems require long
periods for starting up and recovering an efficient opera-
tion regimen after a sudden change of the organic load
due to a perturbation of either the inlet flow rate or con-
taminant concentration. When the disturbance is on the
inlet flow rate, the system hydrodynamics is signifi-
cantly affected; whereas when a disturbance on the in-
fluent organic concentration occurs, the biological proc-
ess rates govern the transient behavior of the system.
However, the biological process rates affect the system
hydrodynamics since variations on the biofilm concen-
tration modifies the density of the support particles and,
consequently, their fluidization characteristics. There-
fore, an anaerobic fluidized bed reactor (AFBR) model
is intended through its four major modeling tasks: (1)
the anaerobic digestion model, (2) the biofilm model,
(3) the bioparticle model, and finally (4) the hydrody-
namic model.

In a previous paper (Fuentes et al., 2007), the spe-
cific biofilm detachment rate coefficient (kz) was esti-
mated by adjustment of an AFBR model based on the
anaerobic digestion model proposed by Angelidaki et al.
(1999) (Fig. 1). The experimental data obtained from
two mesophilic (36x£1°C) lab-scale AFBRs during the
acclimatization stage (glucose and acetate-based feed-
ing) were used. That paper was oriented to bioreactor
modeling focused on hydrodynamics and parameter
estimation. Afterwards, the experimental work was con-
tinued using the same experimental setup but adding
complex substrates, such as proteins and carbohydrates,
to bioreactor feeding. The present work is mainly fo-
cused on evaluating the model sensitivity for represent-
ing the experimental behavior when complex substrates
are digested in AFB reactors.

Proteins such as gelatin and albumin, and sucrose as
a carbohydrate, are used. Gelatin and albumin are often
present in wastewaters. The former is present in animal
connective tissue and is the main constituent of slaugh-
terhouse and meat-processing wastewaters; and the lat-
ter is the main proteic component in raw palm oil and
some food processing wastes, which have an important
polluting effect (Fang and Yu, 2002; Yu and Fang,
2003).

In this context, the paper is organized as follows: in
Section 2, main hypotheses and mathematical equations
are presented. Characteristics of bioreactors and inert
support materials, and the experimental protocol are
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described in Section 3. The experimental data and simu-
lation results are presented in Section 4. Finally, conclu-
sions are drawn in Section 5.

1. MATHEMATICAL MODEL
Although the mathematical model has been described in
the previous paper, following, the main hypotheses and
equations are summarized.

Figure 1 represents the degradation steps and micro-
organism trophic groups assumed in the anaerobic di-
gestion model. A carbohydrate and protein-based com-
position of biomass is assumed. The model describes
the syntropism among acetogens and hydrogenotrophic
methanogens by combining stoichiometry of these deg-
radation stages. Its application to a biofilm system re-
quires the modeling of the interaction between sus-
pended and attached biomass (biofilm).

Constant wet biofilm density, homogeneous biofilm
distribution on support particles, constant density and
diameter of support particles, and spherical geometry
are assumed for the bioparticle model.

A heterogeneous and dynamic model of the three-
phase system is considered by assuming a totally devel-
oped flow condition and a complete mixture behavior
for all phases. The solid phase consists of the inert sup-
port particles and the (active and non-active) attached
biomass. The liquid phase is composed by the chemical
species in solution (substrates, intermediates, products,
enzymes, ions and water) and (active and non-active)
suspended biomass. The gas phase is formed by the
gaseous products from degradation stages.

]
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Fig. 1. Anaerobic degradation steps (Angelidaki et al., 1999):
1) acidogenesis from glycerol combined with lipid (triglyc-
eride) hydrolysis; 2) acidogenesis from sugars (glucose); 3)
acidogenesis from amino acids; 4) acetogenesis from LCFA,;
5) acetogenesis from butyrate (HBu); 6) acetogenesis from
valerate (HVa); 7) acetogenesis from propionate (HPr); 8)
acetoclastic methanogenesis.
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Biochemical transformations are assumed to occur
only in the fluidized bed zone but not in the free-support
material zone. The generalized bubble and wake model
(GBWM) was selected to describe the three-phase sys-
tem (g.+&+&6=1) (Bhatia and Epstein, 1974). The sim-
plified wake theory, i.e. the liquid wakes are particle-
free (Efremov and Vakhrushev, 1970), is used to calcu-
late the liquid holdup (g). Table 1 summarizes the
mathematical equations to calculate fluidization charac-
teristics, and the mass balance equations for phase com-
ponents.

A constant volumetric flow through the fluidized
bed is assumed, the velocity in the bed cross section is
approximately equal to fluid velocity at the reactor inlet
(U,=Ur+U,). The generated gas is assumed to be sepa-
rated from the multiphase stream at the top of the reac-
tor column, and thus, the gas phase flow rate at the reac-
tor inlet is equal to zero. At the reactor outlet the gas
superficial velocity is calculated as:

U = anur :_dEGH+ 4 Té (1)
¢ Ac dt Acp(j iJ I

Since the solid is confined in the control volume, no-
flux conditions at the reactor inlet and outlet are as-
sumed.

The height of the fluidized bed is calculated as:
3
H = v l+§ : @
p,4.85 d,
The terms > R/ and ) 7/ related to mass transfer
J J

processes are summarized in Table 2.

Specific growth () and death (k) rates are assumed
to be the same for suspended and attached biomass of a
species i In addition, the specific biomass hydrolysis
rate (k) is the same for all species.

The biofilm process model is coupled to the system
hydrodynamic model through the biofilm detachment
rate (VE, =gk X}, S€e Table 2), which is assumed as a

first-order function of the energy dissipation parameter
o in the three-phase fluidized zone, which is expressed
as (Huang and Wu, 1996):

v-v-22) )
‘\ 0z
where
0
57127 = _(gsps TELPLTEPG )g ) ()

The specific detachment rate kg is assumed to be the
same for all biological species and was estimated from
experimental data (Fuentes, 2006; Fuentes et al., 2007).

The physico-chemical system, defined as non-
biological mediated processes but relating to the bio-
chemical rates, is described through the equilibrium in
solution model and liquid-gas mass transfer model.

Equilibrium in solution model includes the system
charge balance (electroneutrality condition) for calculat-
ing pH. It involves mass balance equations for total
concentration of volatile fatty acids (acetic, propionic,
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Table 1. Mathematical equations to calculate fluidization
characteristics and phase component concentrations®.

Liquid holdup

1

u U, S
£L={’—kUﬂ M-e, —ke ]V +key

k =3.5¢; exp(~5.08¢,,)
Gas holdup (Yu and Rittmann, 1997)

0.5
U U U
—£ :7g+L+O.1016 +1.488( g J
g l-sgg l-g 1-¢

Parameters (Foscolo et al., 1983):
Terminal settling velocity

.5
o 13+ [299.29;1L2 +1.384gd, " p, (ps - o, )]D

t

0.672d,,p,

Expansion coefficient

n=44Re*" Re = UdiPr , 1 < Re, <500
Hy

Mass balance equations for phase components:
Liquid phase

lllll

ﬁ=i&bﬁﬁQM

Solid phase
= DA W S
e 7 7
Gas phase
waell o g, or( T3]
j j

1. A dispersed bubble flow (1x102 <U, <1 m s* and 1x10? <Ug
<1x10™" m s™) is assumed.

Table 2. Homogeneous reaction rates and mass transfer and
transport process rates for phase components'.

b | D Ri+TY i
J J
X5 | el XS kXS — kx| 16-23
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S, S, e XS e, x0) 1-7,10
j=310
+ Zvi,/‘kHid,ngXj
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s, _;Ov,,,yj(gsxi +e,X") 8-9
e
—& (kLa)i (Si - ICODKH,ipga.\',i)
X, .lezvl.’/. K6, X, 11-15
=
Peusi | VstPgas €L (kLa)i (Si/lCOD - Kll,ipga.v,i) 8-9

1. See Section Nomenclature for notation.

butyric and valeric), inorganic carbon, inorganic nitro-
gen, phosphate, “other anions”, and “other cations”.

Methane, carbon dioxide and water vapor are con-
sidered as gas phase components. The liquid-gas mass
transfer is modeled assuming ideal gas behavior, and
constant total gas phase pressure. The mass balance for
gas phase component i is expressed as a function of its
partial pressure p,,; (Table 2). Water vapor pressure is
calculated by an Antoine-type equation.

Biochemical rate equation matrix, kinetic and phys-
ico-chemical parameters are described in Fuentes
(2006), and are not here included due to space restric-
tions. Since the original paper, from which degradation
model was extracted (Angelidaki et al., 1999), deals
with a case study at termophilic operating conditions,
kinetic and physico-chemical parameters suggested by
Batstone et al. (2002) for mesophilic and high rate oper-
ating conditions are used.

I11. MATERIALS AND METHODS

A. Bioreactors and inert support materials
Two lab-scale anaerobic fluidized bed reactors were
used to carry out the experiments. The same start-up
policy was applied to both reactors, using a soluble sub-
strate based on glucose and acetate. Then, the feed
composition was varied by adding a mixture of albumin
and sucrose in one of the reactors, named Rps, and a
mixture of gelatin and sucrose in the other one, named
Res. They were loaded with sand as support material.
Both Ras and Rgs are columns consisting of a 2.0 m
high acrylic cylinder with an inner diameter of 0.065 m.
The separation compartment placed over the column is a
0.18 m high cylinder with a 0.145 m inner diameter,
where gas accumulation and particle sedimentation take
place. The effluent discharge, the feed input and the
recycle suction point are also placed in this compart-
ment. The inert support characteristics and bioreactor
specifications are included in Table 3.
B. Chemicals
Commercial gelatin (PL 20743/03) was kindly supplied
by PB Leiner Argentina, member of Tessenderlo Group.
Albumin from chicken egg white, Grade Il (CAS 9006-
59-1) was purchased from Sigma. The acetic acid, glu-
Ccose, sucrose, sodium bicarbonate, ammonium chloride
and other chemical reagents were purchased from Ci-
carelli, Argentina.
C. Analytical methods
The experimental measured variables were the bed
height, total and soluble COD, volatile fatty acid (VFA)
concentrations, pH and gas concentration and flow rate.
Table 3. Specification data for bioreactors Ras and Rgs, and
support materials.

Specification Ras Ras

Static bed porosity, L L™ 0.42 0.40
Static bed volume, L 2.32 2.49
Expanded bed volume (t=0), L 3.50 3.58
Superficial flow velocity, x10°ms®  1.91  4.68
Weight of dry sand loaded, kg 3.50 4.00
Sand density, kg L™ 2.63 2.66
Surface-vol. mean diameter, mm 0.35 0.90
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The amount of biogas produced by the bioreactors
was measured using a water replacement method after
gas washing using a FeCl; solution (pH 2) for removing
H,S. The gas composition was analyzed by a gas chro-
matograph (Hewlett Packard 6890) equipped with a
thermal conductivity detector and a 3 m carbosphere
column. Hydrogen was used as carrier gas at 20mLmin™.
The column was operated at 150°C. The injector and
detector temperatures were 100 and 230°C, respectively.

The effluent COD was measured according to the
HACH potassium dichromate method approved by
USEPA (Cat. 21259-15, 0-1500 ppm). The concentra-
tion of the released Cr** ions was determined by spec-
trophotometry (Metrolab 330). Microfilters of PTFE 0.2
um (F2513-4) for soluble COD determination were
used. The effluent pH was measured using a digital
pHmeter (Horiba D-12). The acetic, propionic and bu-
tyric acid (VFA) concentrations were measured by a
high performance liquid chromatograph (HPLC) Hew-
lett Packard Model Series 1050 equipped with a UV-
VIS detector (wavelength: 215 nm). A 20 pyL sample
volume was injected into a Spherisorb ODS-1 (C18)
Classic 5U (250 x 4.6 mm) column (Alltech, Deerfield,
IL). The mobile phase consisted of 50% acetonitrile-
50% water, sulfuric acid 0.01% (pH 3) at a flow rate of
0.7 mL min™.

D. Experimental protocol
Fractions of both solid and liquid phases taken from an
industrial anaerobic reactor were used as inoculums for
reactors Ras and Rgs. All step-type disturbances applied
to bioreactors during the experimental campaign are
depicted in Fig. 2. The start-up policy was the same for
both reactors. It involved stepped increases in COD
loading rate over a four months period. During this ac-
climatization stage, the substrate consisted of a mixture
of milk powder, acetate and glucose (10%, 20% and
70% of the total COD, respectively) plus 0.1 g L™ of
NH,CI and 0.66 g L™ of NaHCO;, in order to provide
the inoculums with the micro and macronutrients, and
adequate environmental conditions necessary for micro-
bial growth. The operating temperature of the reactors
was maintained at 36+1°C. The organic loading rate
(OLR) was gradually increased by three step-type dis-
turbances on the inlet substrate concentration (P1-P3),
keeping constant the COD percentages of feed composi-
tion, and the feed flow rate at 3.2 L d*. During these
steps, the influent COD concentration was increased
from 0.85 to 1.75 and from 1.75 to 2.66 g L™ containing
around 2.5% of insoluble substrates mainly composed
by milk proteins. The NaHCO; consumption for pH
adjustment was increased, respectively, from 0.66 to
1.50 and from 1.50 to 2.43 g L™ for both reactors. Fi-
nally, two steps in the feed flow rates from 3.2 to 4.3 L
d™* (P4) and from 4.3 t0 6.2 L d* (P5), keeping the same
inlet concentration at 2.66 g COD L™ for Ras and Rgs,
were applied.

After acclimatization stage, a feed flow rate of 3.2 L
d™* was recovered (P6). From a glucose and acetate-
based feeding of 2.66 g COD L™, the Ras and Rgs feed
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concentrations were increased gradually by adding of
0.9 and 1 g COD L™ (0.25% of protein and 0.75% of
sucrose), respectively, keeping constant the protein-
carbohydrate COD ratio and the feed flow rate. Finally,
two steps in the feed flow rates from 3.2 to 4.3 L d”* and
from 4.3 to 6.2 L d™* were applied, keeping the same
inlet concentration at 6.26 and 4.66 g COD L™, for Ras
and Rgs, respectively.

COD: 70% glucose —O0—R
20% acetic acid  + 25% protein + 75% sucrose AR
6.5- 10% milk powder Bl Rc.s
P53 P10A P12
6.0 -
. 5.5 -
o
g 5.0
2
[v]
> 4.5
% Pa POA P11
S : -
o 4.0
8 |
L 35
P6
0 0 JAl 1TAY 8i—0 o
3.0 P1 P2 P3  PT P8 P9 P10
T T T T T M T T 1
0 1 2 3 4 5 6 7

Feed concentration (g CODI/L)

Fig. 2. Step-type disturbances for Ras and Rgs.

IV. RESULTS AND DISCUSSION

The mathematical model was implemented and solved
using the process modeling software tool gPROMS
(general PROcess Modeling System; Process System
Enterprise Ltd., 20044a,b). Since the biofilm adsorption
phenomenon is not modeled, low steady state concentra-
tion values are assigned as initial condition values for
the biological and chemical species. The total CPU time
for model simulations is about 0.8 seconds on an 800
MHz Pentium IV PC.

As mentioned, time variation of the experimental
and predicted values of total and soluble COD, VFA (as
acetate) concentration, pH and biogas (as methane) flow
rate during acclimatization stage (disturbances P1-P5),
for Ras and Rgs, were analyzed in Fuentes et al. (2007).
High COD removal efficiency values (85 and 95% of
total and soluble COD, respectively) were obtained, and
the biogas production rates showed the fastest responses
to disturbances, and the system pH was self-regulated at
the typical operation range (6.6-7.2) of healthy metha-
nogenic digesters for both reactors (see Figs. 6 and 7).

In that paper, assumptions on the hydrodynamic
model and biofilm detachment rate model were evalu-
ated. The simplified wake and bubble theory, used to
calculate the fluidization characteristics, simulated suc-
cessfully the main hydrodynamic events that took place
in the reactors. Unexpected failures and changes in the
operating conditions which caused hydrodynamic dis-
turbances were included in the simulation and parameter
estimation schedules. These disturbances occurred at
days 38 and 60 for Ras, and days 35 and 150 for Rgs. It
was concluded that the w-function assumed for model-
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ing the biofilm detachment rate resulted to be appropri-
ate for representing bioreactor behavior during non-
highly disturbed hydrodynamic conditions. The esti-
mated values of the empirical specific biofilm detach-
ment rate coefficient (k; equal to 1.87x10™° and 1.12x
10" m s? kg™ for Ras and Rgs, respectively) are here
used.

Here, the analysis is focused on the second stage of
the experimental campaign, i.e. from disturbance P6
when a HRT higher than 1 day is recovered, at a feed
flow rate of 3.2 L d™*, for both reactors (see Fig. 2).

As an example, total COD measured and predicted
values for reactor Rag are depicted in Fig. 3. The dotted
lines indicate the time duration of each disturbance.
Simulation A represents results from the original AFBR
model, which assumes the hydrolysis rate as a first-
order function in the complex substrate concentration
and zero-order in the enzyme concentration, inhibited
by VFA (as acetate) (7ms .« = €1k X Lies ). AS ObServed,
around day 135, when protein (albumin) and carbohy-
drate (sucrose) are added to bioreactor feeding (P7),
simulation results differ from the experimental ones. A
successive increase of the particulate material concen-
tration, parallel to the OLR increase, is predicted. It
seems to indicate that greater specific hydrolysis rate
coefficients are needed to represent the bioreactor be-
havior.

A second modeling approach, assuming an instanta-
neous hydrolysis rate of fed carbohydrate and protein, is
represented by Simulation B (Fig. 3). The aim is to iden-
tify different hydrolysis kinetics for fed complex sub-
strates and particulate material from non-active biomass
decomposition. Therefore, the specific biomass (carbo-
hydrate and protein fractions) hydrolysis rate has been
calculated using the same values of the specific hy-
drolysis rate coefficients as in the original model

kbh = Zﬁ)io,[vi,;/'kHid,k/’ '
i=11-12,j=1-2

A good agreement between experimental and pre-
dicted values from Simulation B is observed up to day
178 (i.e. during disturbances P6-P10). The change in the
HRT values (lower than 1 day) due to increases in the
feed flow rate from 3.2 to 4.3 L d™ (P11) and from 4.3
t0 6.2 L d™* (P12) causes a decrease in the COD removal
efficiency. It suggests that several processes such as
enzyme washout, H,S inhibition and overloading proc-
esses could be causing high total COD values.

A hydrolysis rate model of order different to zero
with the enzyme concentration is needed to investigate
the enzyme washout. In general, the reaction rates of
enzymatic hydrolysis are assumed to follow either
Michaelis-Menten or first-order kinetics (Souza et al.,
2004). Richards (1956), Ottesen (1956), Biszku et al.
(1973) and Solti et al. (1975) described the enzymatic
proteolysis by the Michaelis-Menten equation, taking
into account a pseudo-first order kinetics. Simulation C
is based on a Michaelis-Menten kinetics assumed for
both carbohydrate and protein hydrolysis (Eg.5). A

5.0 4 —.—. simulation A
451 s!mulat!on B
Simulation C

4.0 4

Experimental

3.5+
3.0+
2.5+
2.0+
1.54

Total COD (g/L)

1.0
0.5:
00L

120 140 160 180 200
Time (d)

Fig. 3. Total COD experimental and predicted values for Rag
during disturbances P6-P12.

VFA non-competitive inhibition function (7,z,) is also

considered.

ng:Iid,iEiXi
K, +X,

The enzyme production rate is assumed to be a function

of the microorganism growth rate:

Fos.s :VEnz,jluj(gLX/l'; +e X3 ), Jj=45.  (6)

The quantitative calibration of the model parameters is
not an easy task with dynamic models in anaerobic di-
gestion due the lack of some measurements, the scarcity
and uncertainty of others and the uncertainty related to
the process dynamics. Parameters (yield coefficient
v,,. specific hydrolysis rate r¢_, half saturation coef-

ficient K,,) used in Egs. (5) and (6) were obtained from
simulation analysis. Magnitude orders of parameters
reported by Fuentes et al. (2005) were used as initial
values. Table 4 summarizes the calculated values of
Vyo o kb @nd Ky, from which Simulation C has been

obtained.

The effects of the change in the HRT during distur-
bances P11 and P12 for Rs, using parameters presented
in Table 4, are drawn in Figs. 4 and 5. The enzymatic
hydrolysis rates of sucrose and protein diminish due to
washout of enzymes (Fig. 4). Thus, untreated non-
soluble and soluble substrates become in the compo-
nents that mostly contribute to the total measured COD.
At this organic loading rate, as protein is not degradated
and there is not any other inorganic nitrogen source, a
limitation by secondary substrate (Z;y) occurs (Fig. 5). It

,i=1112.  (5)

Thia i = Iy

Table 4. Kinetic parameters of enzymatic hydrolysis model
(Egs. 5 and 6).

'parameters Sucrose  Albumin Gelatin
k¢, (@CODAU™dY)  216x10° 231x10"  1.16x10°
Ky (gCOD LY 2.50x102% 1.32x102% 5.50x10°
Ve (AU g COD™ 5.20x10° 2.62x10° 5.70x10™

1. Enzymatic activity is measured in Anson Unit (AU).
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affects the growth and uptake rates of all microorganism
trophic groups, which results in the accumulation of
organic acids and pH decreases. Then, successive and
combined inhibitory effects take place in the bioreactor
leading to the suppression of microbial activity and to
process failure.

The enzymatic hydrolysis is a complex multi-step
process. It includes multiple enzyme production, diffu-
sion, adsorption, reaction and enzyme deactivation
steps.

Several and modeling-oriented research must be de-
veloped in order to reproduce the experimental behavior
of reactors via simulation. It was observed (results not
shown) that a similar response is obtained when the
washout process is combined with the H,S inhibition of
methanogens due to the protein degradation.

Similar results were obtained for reactor Rgs. The
instantaneous hydrolysis hypothesis is acceptable up to
day 175 (during P6-P8 disturbances), and then, a de-
crease in the HRT causes a decrease in bioreactor effi-
ciency. Parameters for gelatin hydrolysis have been in-
cluded in Table 4.

— Sucrose
120 ==== Albumin
1004 P11 P12
g | .
= 80 : :
- ;
- :
" 604
o' ;
= :
T 404!
'r"--.,__ .
201
D - T T : T T - f: ' :I T T
120 140 160 180 200

Time (d)

Fig. 4. Sucrose and albumin hydrolysis rate values from Simu-
lation C for Ras during disturbances P6-P12.
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Fig. 5. Inhibition function profiles from Simulation C for Ras
during disturbances P6-P12.
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Figures 6 and 7 show the measured and predicted
values of total COD, pH and methane flow rate for reac-
tors Ras and Rgs, respectively, during all experimental
campaign. Results from Simulation C are there shown.
A failure in the recirculation pumping system caused a
hydrodynamic disturbance in Rgs at day 150 (Fig. 7).
The bed height fell dawn to its static bed condition (H=
H,) and after fifteen minutes, a new fluidization level (¢
~ 0.65) was established due to an increase in the inlet
superficial velocity U, from 4.68x10 to 5.23x102 ms™.
It caused the biofilm detachment, and thus, an increase
in total COD values. The organic load policy of Rgswas
delayed with respect to the Ras one.

Simulation
Experimental R

a L]
) 5.0 4

4.5 4

4085
3.54|,.1

3.0
25|
2.0
1.5
1.0

Total COD (g/L)

T Lt T ™ T

i i SR i
0 25 50 75 100 125 150 175 200

Time (d)

Fig. 6. Experimental and predicted values for Ras: a) total
COD, b) pH, and ¢) methane (CH,) flow rate.

High COD removal efficiencies were obtained dur-
ing step-type disturbances in the protein-carbohydrate
concentration at a HRT higher than 1 day. More than
85% of total COD was removed up to 4.70 and 3.50 g
COD L™d™* of OLR for Ras and Rgs, including 58 and
43% of complex substrates, respectively. Although the
interest in fluidized bed reactors is to fix slow-growing
methanogens, rather than fast-growing acidogens, these
results indicate that the microbial populations present in
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both reactors were able to resist increasing organic load-
ing rate and to treat directly a complex substrate as a
consequence of mature and well-established biofilms in
a unique process unit.

a) Simulation
= Experimental Rcs
)
=
[=]
(o]
[&]
3
[
b)
I
o
c)
— s-
'o <4
3 5
® ]
T 4
= <
8 3
= 1
T 2
(8] ]
14
U T T T — T ‘I T — T T T ’ I.
0 25 50 75 100 125 150 175 200
Time (d)

Fig. 7. Experimental and predicted values for Rgs: a) total
COD, b) pH, and c¢) methane (CH,) flow rate.

V. CONCLUSIONS

The results of this study demonstrate that mesophilic
anaerobic treatment using a fluidized bed reactor is
highly effective for the purification of wastewaters con-
taining complex substrates such as mixtures of sucrose
/albumin and sucrose/gelatin. Under the evaluated oper-
ating conditions, a HRT higher than 1 day is suggested
to ensure a good system efficiency.

Using the anaerobic digestion model described by
Angelidaki ez al. (1999), the well known parameter data
for biochemical and physico-chemical processes pro-
posed by Batstone et al. (2002), and the empirical spe-
cific biofilm detachment rate estimated for each one of
two mesophilic anaerobic lab-scale fluidized bed reac-
tors (Ras and Rgs), it is concluded that several processes
such as enzyme washout, H,S inhibition and overload-
ing processes need to be investigated and modeled to

achieve a good agreement between the predicted and
experimental values.

NOMENCLATURE

A: area

Cp: drag coefficient

d: diameter
/- biomass composition (fraction)

g: gravity

H: height

I: inhibition function

Icop: index, g COD mol™

k: specific rate coefficient, GBWM parameter
kia: liquid-gas mass transfer coefficient

Ky Henry’s coefficient

n: expansion coefficient

P,p: pressure

Q: flow rate

R: homogeneous reaction rate

T: mass transfer and transport process rate (interface)
V: volume

t: time

U: superficial velocity

W particle load

z: axial direction

Greeks

. biofilm thickness

& porosity, phase holdup (volumetric fraction)
4 microorganism growth rate, viscosity

v. process rate coefficient

Vi gas molar volume

p: density

w: specific energy dissipation rate

¢ : mass or molar concentration

Subscripts

bh: biomass hydrolysis

bp: bioparticle

c: reactor column

d: biomass death

E: detachment

1 feed

G, g gas

Hid: particulate material hydrolysis
i: phase component index

in: inlet

J: biochemical and physico-chemical process index
L, I: liquid

out: outlet

p: particle

r: recycle

S: solid

t: terminal

Variable Description i
Xew Carbohydrate 11
Xp Protein 12
Xii Lipid 13
Xrcn Inert carbohydrate 14
Xep Inert protein 15
Sai Glucose 1
Saa Amino acid 2
SLCFA LCFA 3
Shva Valerate 4
Ssu Butyrate 5
Supr Propionate 6
SHac Acetate 7
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Scrs Methane 8
Sic Inorganic carbon 9
Siv Inorganic nitrogen 10
_Xoio Biomass 16-23

Processes j

Carbohydrate hydrolysis 1
Protein hydrolysis 2
Lipid hydrolysis/glycerol uptake 3
Glucose uptake 4
Amino acid uptake 5
LCFA uptake 6
Valerate uptake 7
Butyrate uptake 8
Propionate uptake 9
Acetate uptake 10
Xaiic decay 11
XgL decay 12
Xaa decay 13
Xicea deCay 14
Xva decay 15
Xgy decay 16
Xprdecay 17
Xac decay 18
CH, mass transfer T8
CO, mass transfer T9
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